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Abstract 10 

In this work, the use of enzymes as alternative catalysts for the production of biodiesel was evaluated. 11 

Due to the high price of enzymes, process optimization and economical evaluation is essential to 12 

evaluate the feasibility of their use. Two alternatives were proposed. The first one evaluated the use 13 

of liquid enzyme while the second alternative analyzed the use of immobilized enzyme for the 14 

transesterification of castor oil. Both alternatives were investigated as an integral part of the whole 15 

production plant and optimized considering the profit of the process as objective function. For an 16 

annual biodiesel production capacity of 250,000 tons, the process with liquid enzymes resulted in 17 

higher total investment costs due to the complex steps for the biodiesel separation. However, the 18 

higher cost of immobilized enzymes requires that this enzyme is reused at least 300 times to obtain a 19 

profit similar to the liquid enzyme-based process, which resulted in a production cost of 0.78 US$/kg 20 

of biodiesel and a plant profit of 51.6 million US$/year for the defined plant capacity. 21 

Keywords: biodiesel, castor oil, economic evaluation, enzymes, process optimization, process 22 

simulation   23 
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1. Introduction 1 

Biodiesel has become one of the most important renewable alternatives to substitute the use of fossil 2 

diesel. Traditionally, biodiesel is produced by the transesterification reaction of triglycerides (TAG) 3 

with short chain alcohols, such as methanol and ethanol, in the presence of a catalyst producing fatty 4 

esters (biodiesel) and glycerol. A wide number of raw materials can be used as a source of TAG, 5 

including vegetable oils, animal fats, waste cooking oil and algae (Issariyakul and Dalai, 2014; Kiss, 6 

2014). Non-edible castor oil is an attractive option as a feedstock since castor beans are able to grow 7 

under arid and diverse weather conditions, without competing for soil normally used for food 8 

production (Hernández et al., 2015). Castor oil has unique properties among vegetable oils. As its 9 

main fatty acid is the ricinoleic acid, representing around 85–90 % of the molar composition, it 10 

presents high viscosity and good lubricating properties. While these properties are a challenge for the 11 

final biodiesel blend, the presence of the hydroxyl group in this acid guarantees a high miscibility of 12 

castor oil with short chain alcohols, which is beneficial during transesterification (Bateni et al., 2014; 13 

Berman et al., 2011; Shrirame et al., 2011).  14 

In the context of developing sustainable processes, the use of enzymes emerges as an alternative to 15 

chemical catalysts for biodiesel production. Enzymes are highly flexible with regard to changes in 16 

the raw material quality. Furthermore, their use requires fewer process steps as no alkali or acid ions 17 

remain in the mixture, eliminating the need of a neutralization step. They further work under milder 18 

operating temperatures in the reactor, while achieving high reaction yields (Baron et al., 2014; Guldhe 19 

et al., 2015; Sotoft et al., 2010). However, since enzymes are more expensive than chemical catalysts, 20 

the process route needs to be optimized to be competitive. Enzymes are available in liquid and 21 

immobilized forms. Liquid enzymes has the advantages of a lower purchase cost compared to 22 

immobilized enzymes, and better mixing with the reactants since there is no extra solid phase in the 23 

reactor, which through mass transfer limitations increase the reaction time. However, the recovery 24 



 

3 
 

and reuse of liquid enzymes is limited by the possible presence of alcohol and glycerol in the mixture. 1 

The presence of these substances leads to enzyme inhibition and its recovery through a distillation 2 

column is not encouraged as this leads to thermal deactivation (Firdaus et al., 2016b; Nielsen et al., 3 

2016). Immobilized enzymes are more expensive. However, they can be easily recovered and reused. 4 

Moreover, immobilized enzymes have a higher operational stability (Tan et al., 2010; Zhao et al., 5 

2015). According to Li et al. (2006), in the presence of a solvent, immobilized enzymes can be 6 

repeatedly used for 200 cycles without considerable loss in enzyme activity.. Apart from testing and 7 

choosing a catalyst for the biodiesel production, process synthesis and evaluation is required to 8 

evaluate and improve the overall process profitability. 9 

Most of the studies on biodiesel process simulation evaluate the use of chemical catalysts or 10 

production under supercritical conditions (Abdurakhman et al., 2017; Dhar and Kirtania, 2009; 11 

Gutiérrez Ortiz and de Santa-Ana, 2017; Heer and Gaikar, 2016; Kianimanesh et al., 2017; Moncada 12 

et al., 2014; Sajid et al., 2016; West et al., 2008; Zhang et al., 2003a). The ethanolysis of castor oil 13 

was studied by Santana et al. (2010). They obtained biodiesel of 99.77 wt% purity using sodium 14 

hydroxide as catalyst. The economic assessment showed a biodiesel cost range from 0.77 to 1.31 15 

US$/kg, depending on the cost of castor oil and if the side product glycerol was purification or not. 16 

Granjo et al. (2017) analyzed the production of biodiesel in a soybean refinery under conventional 17 

homogenous alkaline transesterification, producing biodiesel and glycerol of 98.5 and 91.7 wt% 18 

purities, respectively. They observed that heat integration and wastewater optimization reduces the 19 

break-even price from 0.875 to 0.798 US$/kg. Adopting the same reaction conditions, Haas et al. 20 

(2006) observed a biodiesel operating production cost of 0.53 US$/kg. Lee et al. (2011) compared 21 

the transesterification of fresh oil and waste cooking oil (WCO) via alkali-catalyzed and supercritical 22 

routes simulated in Aspen HYSYS. The WCO supercritical process presented  the most economically 23 

feasible option, resulting in a break-even price of 0.726 US$/kg.  24 
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The assessment of biodiesel process simulation using enzymes is quite recent and few studies can be 1 

found in the literature. de Mello et al. (2017) developed a comparative environmental impact analysis 2 

of biodiesel production using methylic-alkaline and ethylic-enzymatic catalysis. The results indicate 3 

that the enzymatic route chosen gives a better environmental performance. Economical evaluation of 4 

the enzymatic biodiesel production was performed by Sotoft et al. (2010). The product production 5 

price was estimated to be in the range 0.90 – 1.85 US$/kg biodiesel with a price of 945 US$/kg 6 

enzyme. When the enzyme price was estimated to 9.45 US$/kg, the biodiesel production price was 7 

within the range 0.06 – 0.93 US$/kg. Finally, Martín and Grossmann (2012) developed a 8 

simultaneous optimization and heat integration optimization approach for biodiesel production by 9 

means of five different technologies: homogeneous acid- or alkali-catalyzed, heterogeneous alkali-10 

catalyzed, enzyme-catalyzed and supercritical conditions. The optimization was formulated in GAMS 11 

based on WCO and algae oil as raw materials. For algae oil, a production cost of 0.42 US$/gal using 12 

homogeneous alkali catalyst was obtained, while 0.66 US$/gal was observed when WCO was used 13 

as feedstock. Furthermore, Severson et al. (2013) optimized the ethanolysis of oil to produced FAEE. 14 

They observed that an alkali-catalyzed process is the most profitable, even though the enzyme-15 

catalyzed process gave lower consumption of energy and water. All these process analyses only 16 

evaluated the use of immobilized enzymes. Economic assessment of liquid enzymes for the biodiesel 17 

production is a topic that has not being studied yet. 18 

In the present work, a mathematical optimization approach was used for the design of biodiesel 19 

production facilities using enzymes as catalyst. Two systems were compared: a liquid enzyme-20 

catalyzed and an immobilized enzyme-catalyzed. In both studies, non-edible castor oil was reacted 21 

with methanol to produce fatty acid methyl esters (FAME), commercially known as biodiesel, and 22 

glycerol as a byproduct. The dynamics of the problem was reformulated into a nonlinear 23 

programming problem using orthogonal collocation for the kinetic equations. Other units involved 24 



 

5 
 

such as heat exchangers, distillation columns and phase separators were modelled using short-cut 1 

methods validated by using rigorous models available in the process simulator Aspen Plus v8.8 and 2 

experimental data.  3 
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2. Process description 1 

The optimization of the reaction conditions, which includes the temperature, reaction time, alcohol-2 

to-oil molar ratio, amount of catalyst, need of addition of water and/or organic solvent is essential in 3 

the analysis and implementation of a biodiesel plant. However, the whole process, including alcohol 4 

recovery, glycerol separation and biodiesel refining is fundamental for the optimization of the overall 5 

process conditions to reduce the production costs and maximize the selling profits. 6 

Therefore, the process flowsheets proposed for the liquid and immobilized enzyme-catalyzed routes 7 

consist of five sections: feed preparation, transesterification reaction, methanol recovery, and glycerol 8 

and biodiesel purification. During the reactions, the enzymes can be deactivated by methanol. The 9 

key options to overcome this inhibition are methanol stepwise addition to avoid excess of alcohol in 10 

the reaction medium or addition of an organic solvent to enhance the miscibility of the alcohol and 11 

oil (Veny et al., 2014). In the current study, the solvent-free system studied by Andrade et al. (2017b) 12 

where methanol was added stepwise was used. Water addition is essential to keep the lipase 13 

conformation and increase the interfacial area between aqueous and organic phase where the lipases 14 

act (Guldhe et al., 2015). The reaction was taken to be a semi batch reaction with continuous addition 15 

of methanol. The present study further benefits from the detailed kinetic model that includes the 16 

formation of intermediate products (Andrade et al., 2017a). 17 

Conversely, for the immobilized enzyme process, the system studied by Zarejousheghani et al. (2016) 18 

where n-hexane is added as a solvent was used. The addition of the organic solvent increased the 19 

alcohol solubility in castor oil, which decreases the enzyme inhibition (Guldhe et al., 2015). To 20 

conform to their data, a continuous reaction process was assumed. 21 

 22 

2.1 Process LEC: Liquid enzyme-catalyzed (LEC) route 23 
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The process flowsheet for the transesterification reaction using liquid enzyme catalysis is shown in 1 

Figure 1. The process diagram includes process tanks, transesterification reactor, decanters, 2 

distillation columns, heat exchangers and storage tanks for the feedstocks as well as the products. 3 

Due to the large annual production, it was chosen to the use reactors in parallel. This not only reduces 4 

the investment costs, but also guarantees a continuous process for the downstream section of the 5 

process.  6 

The reaction conditions were based on the data reported in Andrade et al. (2017b). Castor oil, water 7 

and the liquid enzyme Eversa Transform are fed into the process Tank 1 at 20 °C. The added amount 8 

of water corresponds to 5 wt% by weight of castor oil. For the optimization of the process, the liquid 9 

enzymes dosage is allowed to vary between 0.3 and 10 wt%. The enzyme dosage of 0.3 wt% is 10 

recommended by the enzyme supplier Novozymes®. The stream from Tank 1 is mixed with fresh 11 

and recycled methanol. The optimized methanol-to-oil molar ratio was taken to be between 3 and 9. 12 

The stream is heated before entering the reactor. The reaction was performed at constant temperature 13 

with a reaction time for the transesterification of 8 hours. This ensures that equilibrium is reached.  14 

The stream exiting the reactor feeds the first distillation column to recover unreacted methanol that 15 

can be reused in the reaction. Even though most of the industrial plants use a flash vessel for methanol 16 

recovery, many literature studies have used a distillation column (Martín and Grossmann, 2012; 17 

Morais et al., 2010; Santana et al., 2010; Sotoft et al., 2010; van Kasteren and Nisworo, 2007; West 18 

et al., 2008; Zhang et al., 2003a). The use of a distillation column allows better product separation 19 

than a flash vessel. Since a high methanol recovery was targeted in the process simulation, 20 

implementation of a distillation column ensures this separation. To avoid thermal decomposition of 21 

glycerol the bottom temperature of the column cannot exceed 150 °C (Zhang et al., 2003a). The 22 

biodiesel-phase is cooled down to 20 °C before entering the first decanter. The top phase is sent to 23 

the second distillation column while the remaining phases are sent to the second decanter where 24 



 

8 
 

glycerol is separated from the residual enzymes. Two consecutive distillation columns are used to 1 

purify the biodiesel. First, unreacted oil is removed from the bottom of the second column. In this 2 

column, the temperature in the top cannot exceed 250 °C, while the maximum temperature in the 3 

bottom stream is 350 °C. These limits avoid decomposition of the biodiesel and the oil, respectively 4 

(Zhang et al., 2003a). The last distillation column provides separation of FFA from biodiesel. The 5 

maximum temperature at the bottom of the column was kept at 250 °C, to avoid degradation of FAME 6 

and FFA (Moya Moreno et al., 1999). 7 

 8 

2.2 Process IEC: Immobilized enzyme-catalyzed (IEC) route 9 

Figure 2 shows the process flowsheet for the transesterification reaction under immobilized enzyme 10 

catalysis. The following equipment are included in the process simulation: process tank, 11 

transesterification reactor, decanter, distillation column, heat exchangers (including condenser and  12 

reboiler), storage tanks for chemicals and products, and a tank to recover the immobilized enzymes 13 

for reuse. 14 

The reaction conditions were based on the work done by Zarejousheghani et al. (2016). The process 15 

tank is fed with castor oil, a total of 1 wt% of water by weight of castor oil, and n-hexane at 20 °C. 16 

The stream from the tank is mixed with fresh methanol and recycled methanol and n-hexane 17 

recovered in the distillation column. The methanol-to-oil molar ratio was allowed to vary between 18 

12.5 and 19. A total of 20 vol% of n-hexane by volume of castor oil is added to this stream. The 19 

stream is heated in a heat exchanger prior to the reactor. According to the kinetic model used, a fixed 20 

value of 5 wt% of immobilized enzymes Novozym 435 by weight of TAG must be in the reactor. 21 

A sedimentation tank attached to the reactor ensures the recovery of the solid enzymes for reuse. The 22 

reactor stream feeds the distillation column to recover the unreacted methanol and n-hexane that can 23 

be recycled to the reactor. The bottom column stream is cooled to 20 °C and sent to a decanter where 24 
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biodiesel and glycerol are separated. Due to the reaction scheme adopted, the formation of 1 

intermediates and their separation was not considered for this process, simplifying the process 2 

flowsheet. The same temperature constraints as for the LEC process were implemented in the 3 

distillation columns. 4 

  5 
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3. Process modelling 1 

The process model was formulated based on the material and energy balances of all the unit operations 2 

involved in the production of biodiesel. The models were formulated in terms of total mass flow of 3 

the streams, mass flow and mass fraction of each component, and temperature of each stream. Some 4 

assumptions were made for the simulations. The streams, decanters, mixers, and process and storage 5 

tanks were assumed adiabatic. It was further assumed that these units and the reactor and heat 6 

exchangers work at atmospheric pressure. Pressure drop was not taken into account in the process 7 

units and pipes. 8 

In the transesterification reaction, one mole of triglyceride reacts with three moles of alcohol 9 

producing three moles of fatty acids and one mole of glycerol. The transesterification occurs through 10 

the formation of diglycerides (DAG) and monoglycerides (MAG) as intermediate products. In the 11 

presence of water, hydrolysis of the triglycerides produces three moles of FFA, followed by the FFA 12 

esterification (Abbaszaadeh et al., 2012; Noshadi et al., 2012; Veny et al., 2014). Biodiesel process 13 

simulations generally take into account only the overall transesterification reaction (de Mello et al., 14 

2017; Granjo et al., 2017; Morais et al., 2010; Santana et al., 2010). The actual synthesis of biodiesel 15 

is, however, a complex system of equilibrium reactions involving the formation of the intermediates 16 

DAG, MAG and FFA, which should be considered in the process assessment. 17 

Since castor oil is essentially composed of ricinoleic acid, the TAG that characterizes this oil was 18 

taken to be triricinolein. Likewise, DAG and MAG were modelled as glyceryl diricinoleate and 19 

glyceryl monoricinoleate, respectively. Methyl ricinoleate and ricinoleic acid respectively 20 

represented FAME and FFA. Because of the high solubility of ricinoleic acid in short chain alcohols, 21 

mass transfer limitations during the transesterification could be neglected (Baron et al., 2014). 22 

The components included in the model were TAG, DAG, MAG, FAME, FFA, methanol, water, 23 

propylene glycol and glycerol. For the process using immobilized enzymes, the solvent n-hexane is 24 



 

11 
 

also necessary. Component properties used for the simulations and the parameters to obtain the 1 

specific heat capacity and vapor pressure of each component as a function of the temperature are 2 

included in the Tables S1 and S2 in the Supplementary Material.  3 

 4 

3.1 Process feed 5 

The flowrate was defined based on the biodiesel production in Denmark. According to the European 6 

Biodiesel Board (2017), the estimated Danish biodiesel production in 2017 was 250,000 tons. In the 7 

calculation 360 working days per year was assumed. The feedstock was assumed free of impurities. 8 

In the simulation, the castor oil stream was defined to consist of TAG only. In process LEC, the 9 

composition of the liquid enzyme stream follows the information given by the manufacturer: 75 vol% 10 

of water and 25 vol% of propylene glycol. The concentration of enzyme in Eversa Transform was 11 

assigned to be 500 µM (Firdaus et al., 2016a). For both processes LEC and IEC, methanol flowrate 12 

as well as reaction temperature were used as processes variables. The variable limits used are in 13 

agreement with the experimental kinetic model developed (Andrade et al., 2017a; Zarejousheghani 14 

et al., 2016). For process LEC, enzyme loading was also used as a variable. For the process IEC, 15 

water, n-hexane and immobilized enzymes have constant flowrate. 16 

A Tank was defined to mix castor oil, water and enzymes (or n-hexane, in case of process IEC). Two 17 

mixers were also used to combine different streams: in Mixer 1, fresh methanol was mixed with 18 

recovered methanol and, in case of process IEC recovered n-hexane. Mixer 2 combined this blend 19 

with the stream from Tank 1. The compositions and temperatures of the tank and mixer exit streams 20 

were determined by simple component material and energy balances, respectively. 21 

 22 

3.2 Transesterification reaction 23 
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Prior to the reactor, a heat exchanger HX1 was used to heat the stream up to the optimal reaction 1 

temperature. The working temperature ranged from 35 to 50 °C in the process LEC and from 30 to 2 

50 °C in the process IEC.  3 

For both processes, the biodiesel conversion is obtained from the kinetic parameters of the reactions. 4 

The numerical solution of the differential equations representing the variation of the component 5 

concentrations at a specific time was found, on molar basis, by means of orthogonal collocation 6 

(Biegler, 2010). The number of finite elements was defined as 100, using three internal collocation 7 

points. 8 

For the castor oil methanolysis with the liquid enzyme Eversa Transform, Andrade et al. (2017b) 9 

concluded that transesterification and hydrolysis of TAG occur simultaneously in the system, using 10 

a model that includes the reverse reactions. The kinetic model included the formation of the 11 

intermediate products DAG, MAG and FFA, and the esterification of FFA with methanol, leading to 12 

the formation of FAME. In total, 19 kinetic parameters were obtained, among which are included the 13 

forward and reverse rate constants for transesterification, hydrolysis and esterification, besides 14 

equilibrium constants of TAG, DAG, MAG and FFA, and the methanol inhibition constant. Different 15 

sets of parameters were obtained for the temperatures of 35, 40 and 50 °C. To optimize the reaction 16 

temperature, assuming that this condition was a process variable, correlations for each of these 19 17 

kinetic parameters that represents the kinetic parameters as a function of the temperature were 18 

developed. These equations can only be used within the evaluated temperature range. In that model, 19 

all the component concentrations depend on the free enzyme concentration [E], which is given by: 20 

[E] = [ET]
1+KTAG[TAG]+KDAG[DAG]+KMAG[MAG]+KFFA[FFA]+[MeOH]/KMeOH

   (1) 21 

Where [ET] is the total enzyme concentration, KTAG, KDAG, KMAG and KFFA are equilibrium constants, 22 

and KMeOH is the inhibition constant for methanol. The reaction kinetic parameters were obtained 23 

using 5 wt% of the liquid enzyme solution by weight of castor oil, meaning a constant total enzyme 24 
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concentration if a constant reaction volume is assumed. To optimize the process simulation assuming 1 

the added enzyme content as a variable, the value of [ET] was assigned as a function of the enzyme 2 

and reaction volumes. This relationship could be found since the concentration of the enzyme in 3 

Eversa Transform is known. After these considerations, Equation 1 becomes: 4 

[E] = 1
1+KTAG[TAG]+KDAG[DAG]+KMAG[MAG]+KFFA[FFA]+[MeOH] KMeOH⁄ ∙ 2.6553×104∙𝑉𝑉enz

𝑉𝑉reac
  (2) 5 

Where 2.6553 × 104 is the correction factor of the enzyme concentration. The fitted parameters for 6 

the correlations of the kinetic constants are shown in Table 1, where 𝐾𝐾(𝑇𝑇) represents the parameters 7 

as functions of the temperature, and 𝐾𝐾(𝑇𝑇, [𝐸𝐸]) includes the modified equilibrium and inhibition 8 

constants considering [ET] as a function of the amount of enzyme (𝑉𝑉enz) and reaction (𝑉𝑉reac) volumes. 9 

These sets of equations were validated with the experimental data in Andrade et al. (2017b). For the 10 

validation, the original model developed in MATLAB by Andrade et al. (2017a) was modified to a 11 

semi batch model. The function ode45 was used to solve the model. Table 2 presents the validation 12 

of the final composition for the transesterification reaction at 35 °C and 5 wt% of liquid enzyme 13 

solution by weight of castor oil. When the parameters were functions of the temperature and of the 14 

amount of enzyme, the composition of the final product has not considerably changed from the 15 

original values that formed the basis for the kinetic parameter constants. FAME composition 16 

remained around 66 wt%, while 11 wt% was methanol and 3 wt% was MAG. Thus, the kinetic 17 

parameter adjustments can be used in the optimization. The differential equations for the model are 18 

included in the Supplementary Material. 19 

In the castor oil methanolysis with immobilized enzyme Novozym 435, Zarejousheghani et al. (2016) 20 

has employed the Ping-Pong Bi-Bi kinetic model at different temperatures to find the corresponding 21 

kinetic parameters. Unlike for the liquid enzyme study, only the overall transesterification reaction 22 

was used to determine the kinetic parameters, disregarding the formation of the intermediates DAG 23 

and MAG, besides the formation of FFA through the hydrolysis of the oil. This is most likely due to 24 



 

14 
 

lack of experimental data in the original study. No enzyme inhibition caused by methanol was 1 

reported. Based on this, the authors reported three kinetic parameters: maximum reaction rate (𝑉𝑉𝑚𝑚𝑚𝑚𝑚𝑚), 2 

apparent Michaelis constants for TAG (𝐾𝐾𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚) and alcohol (𝐾𝐾𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚). For each of these parameters, 3 

an Arrhenius equation was used to fit them in the reaction temperature range of 30–50 °C. The kinetic 4 

model developed including the Arrhenius correlations for each of these parameters is presented in the 5 

Supplementary Material. 6 

 7 

3.3 Methanol recovery 8 

To recover and recycle unreacted methanol (and n-hexane, in process IEC), a heat exchanger (HX2) 9 

was first added before the distillation column, Dist1. To model the distillation columns included in 10 

the simulations, the short cut Fenske-Underwood-Gilliland (FUG) method was used. For the 11 

multicomponent distillation, methanol was chosen as the light key while water represented the heavy 12 

key component.  13 

The working pressure of Dist1 was a variable calculated from the composition and vapor pressure of 14 

the components, while taking the presence of two liquid phases during the distillation into account. 15 

In process LEC, the components TAG, DAG, MAG, FFA and FAME constituted the non-polar phase 16 

while the polar phase involved water, methanol, glycerol and propylene glycol. In process IEC, the 17 

non-polar phase consisted of TAG, FAME and n-hexane, and the polar phase comprised water, 18 

methanol and glycerol. 19 

It was specified that 99.9 wt% of methanol and 50.0 wt% of water should be recovered in the distillate 20 

stream and sent to Mixer 1 in process LEC. In the case of process IEC, 99.9 wt% of methanol, 99.9 21 

wt% of n-hexane and 50.0 wt% of water were recovered in Dist1. The water recovery was defined to 22 

obtain glycerol with a minimum purity of 92 wt% that can be commercialized. These assumptions as 23 

well as the reflux ratios were validated by means of Aspen Plus v8.8 using the RadFrac rigorous 24 
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model to simulate the distillation column and the NRTL thermodynamic model for the property 1 

estimation. The remaining components present in the stream from the reactor were recovered from 2 

the bottom of the column. 3 

Pumps are necessary to pump the top and bottom streams from Dist1 to Mixer 1 and HX5, 4 

respectively. However, due to the relative low energy consumption of the pumps compared to other 5 

units, they are not included in the simulation.   6 

The specification of the reflux ratio 𝑅𝑅 is important to determine the energy requirements during the 7 

methanol recovery. For this specific case, the reflux ratio generally varies between 1 and 3 (Martín 8 

and Grossmann, 2012), while the Underwood method was used to estimate the minimum reflux ratio 9 

𝑅𝑅𝑚𝑚𝑚𝑚𝑚𝑚.  10 

Heat exchanger HX5 was used to cool the bottom stream from Dist1 prior to the decanting step. The 11 

HX5 duty was calculated assuming 20 °C for the exit stream. More detailed information about the 12 

heat duty evaluation is reported in the Supplementary Material. 13 

 14 

3.4 Glycerol purification 15 

To estimate the amount of glycerol in the streams after decanting in process LEC, the composition of 16 

glycerol in the biodiesel and liquid enzyme-phases has previously been measured in the laboratory. 17 

For a reaction mixture containing castor oil, 5 wt % of the lipase Eversa Transform solution, and 5 18 

wt% of water, by weight of castor oil, with four stepwise additions of methanol at two-hour intervals, 19 

totaling 6.0 methanol-to-oil molar ratio, reacted for 8 hours at 35 °C. The product was centrifuged in 20 

a Thermo Scientific Sorvall ST 16R Centrifuge at 4000 rpm, for 30 min, resulting in the three-phase 21 

system shown in Figure 3. The organic top phase was rich in biodiesel, the intermediate layer mainly 22 

consisted of glycerol, while the bottom phase contained the enzymes. Glycerol concentrations in the 23 

top and bottom phases were measured using a HPLC with a Refractive Index Detector (HPLC-RID) 24 
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(Agilent 1100 Series) equipped with a Phenomenex Rezex RHM-Monosaccharide H+, 300 x 7.8 mm 1 

column. Water was used both as solvent and mobile phase with a flow rate of 0.6 mL/min. The 2 

runtime for each analysis in the HPLC-RID was 25 minutes, with temperatures of 80 and 40 °C for 3 

the chromatographic column and RID, respectively. The composition was calculated based on the 4 

calibration curve generated for pure glycerol. The analysis showed that the bottom phase contained 5 

around 56 wt% of glycerol. As expected, these results indicate a higher solubility of glycerol in water 6 

and propylene glycol than in the non-polar phase. The composition of the exit streams of the decanters 7 

was fixed based on these experimental results. 8 

 In process LEC, the cooled stream from HX5 fed Decanter 1 at 20 °C, where the non-polar top phase 9 

containing oil, intermediates and biodiesel was removed and sent to the biodiesel purification step. 10 

The remaining phases were separated in Decanter 2, assuming a recovery of 56 wt% of glycerol in 11 

the bottom phase based on the data obtained from the laboratory analysis. The glycerol rich top phase 12 

should have a glycerol purity of 92 %-weight in order to be sold. The bottom phase contains residues 13 

from the catalyst. 14 

In process IEC, due to the simplicity of the kinetic mechanism, a single decanter could be used to 15 

separate the polar aqueous phase rich in glycerol and the nonpolar organic phase rich in FAME. The 16 

use of this decanter was enough to reach the required glycerol and biodiesel specifications for sale. 17 

 18 

3.5 Biodiesel purification 19 

Purification of biodiesel was required in the simulation of process LEC in order to remove the 20 

unreacted oil as well as ricinoleic acid (FFA) that can be sold for the production of biodegradable 21 

polymers (Amador et al., 2012; Teomim et al., 1999). 22 

Initially, the organic phase from Decanter 1 was heated in heat exchanger HX6 and then fed the 23 

distillation column Dist2. In this column, unreacted TAG, DAG and MAG were recovered in the 24 
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bottom stream from the column. Similar to the methanol recovery simulation, a shortcut method was 1 

used to model Dist2. The operating pressure of the column was optimized to assure no biodiesel 2 

decomposition. Determination of the column pressure was found from the vapor pressure of each 3 

component present in the streams, while assuming no pressure drop in the column. 4 

For the FAME purification, a reflux ratio from 2 to 3 is expected (Zhang et al., 2003a). For the short-5 

cut calculations, FAME was defined as the light key while MAG was the heavy key. The heat 6 

exchanger HX10 was used to cool the bottom stream from Dist2 to 20 °C. 7 

The top stream from Dist2 essentially containing FAME and FFA was sent to the distillation column 8 

Dist3. This column assures that the final FAME product leaving the bottom of the column reaches a 9 

sufficient quality to be sold for biodiesel as well as the recovery of FFA in the top stream, which can 10 

be sold as a byproduct. 11 

For Dist2, the material balance of each component was formulated to recover 99.0 wt% of FAME in 12 

the top stream and 99.9 wt% of FFA from the feed column stream, while the remaining components 13 

were withdrawn as the bottom stream. For Dist3, it was defined that the recovery of FFA at the top 14 

of the column should be of 99.0 wt%. These fractions of component recoveries ensure that the FFA 15 

content present in the FAME stream is lower than 1 wt%, which meets the biodiesel specifications of 16 

the standards ASTM D6751 and EN 14214 (Moser, 2009). 17 

To fulfill the requirements for the energy balance, the reflux ratio was also optimized between 2 and 18 

3 for Dist3. Even though this column is only concerned with the separation of two components, the 19 

Underwood method was still used to determine the minimum reflux ratio. Heat exchangers HX13 and 20 

HX14 were used to cool the FFA and FAME streams down to room temperature.  21 

  22 



 

18 
 

4. Solution procedure 1 

Orthogonal collocation on finite elements with 3 internal points and 100 finite elements was used to 2 

discretize the differential equations that model the reactors. Eight differential equations were used to 3 

model the kinetics of the biodiesel production using liquid enzyme, corresponding to each component 4 

involved in the reactions, while only one differential equation determining the concentration of TAG 5 

had to be solved to model the kinetics of the process using immobilized enzyme. Solving the 6 

differential equations by polynomial discretization converts the optimization problem into a nonlinear 7 

problem (NLP) by approximating state and control profiles by a family of polynomials on finite 8 

elements (Arora et al., 2006; Flores-Tlacuahua et al., 2008). 9 

In GAMS, different solvers can be used for the solution of the NLP, in which the objective function 10 

is optimized while respecting a set of constraints and the bounds on the variables. Due to the 11 

complexity of the processes simulated, GAMS/CONOPT was set as preferred solver. Process IEC 12 

consists of 2,015 equations and 2,043 variables, while process LEC consists of 6,855 equations and 13 

6,902 variables. The difference in the number of equations and variables between both models is due 14 

to the detailed kinetics of process LEC and the necessity of having two extra distillation columns for 15 

the purification of biodiesel. 16 

 17 

4.1 Objective function 18 

The optimal operating conditions were obtained by maximizing the profit of the processes. The 19 

objective function considered the selling prices of biodiesel as well as ricinoleic acid and glycerol as 20 

byproducts. Furthermore, the optimization took into account the purchasing price of the feedstock, 21 

enzymes and solvents, besides the utility costs. Table 3 specifies the prices involved in the 22 

optimization adjusted to 2016 prices (da Silva et al., 2017; Zhang et al., 2003b). The objective profit 23 

function can be written as: 24 
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max𝑃𝑃𝑃𝑃 (US$/s) =  𝐶𝐶𝑝𝑝𝑝𝑝𝑝𝑝 − 𝐶𝐶𝑐𝑐ℎ𝑚𝑚 − 𝐶𝐶𝑢𝑢𝑢𝑢𝑚𝑚     (3) 1 

Where 𝐶𝐶𝑝𝑝𝑝𝑝𝑝𝑝 refers to the selling price of FAME, FFA and glycerol, 𝐶𝐶𝑐𝑐ℎ𝑚𝑚 is the purchase costs of castor 2 

oil, methanol, water, n-hexane and enzymes, and 𝐶𝐶𝑢𝑢𝑢𝑢𝑚𝑚 is the utilities cost. Since the investment costs 3 

are small compared to the operating costs, they were not included in the objective function. However, 4 

these costs were calculated after obtaining the optimal conditions. 5 

 6 

4.2 Project evaluation 7 

For the economic evaluation, it is crucial to estimate the capital cost, which is the fixed expense 8 

representing the investment needed for the plant installation. The capital cost for a chemical plant 9 

needs to consider other costs than just the purchased cost of the equipment (Turton et al., 2009). In 10 

the present study, these other costs were estimated as factors of the equipment cost, following the 11 

procedure presented by Sinnott (2005). 12 

From the optimal process conditions, the annual profit of the processes was estimated. Cost estimates 13 

were based on an estimate of the major equipment items required for the processes using the 14 

correlations developed by Almena and Martín (2016) and Sinnott (2005). Correlations for equipment 15 

design and costs are included in the Supplementary Material. Assuming use of reactors in parallel, a 16 

maximum volume capacity of 30 m3 was defined for the reactors. Using the same criteria, the 17 

maximum volume for storage tanks was 8000 m3, while 100 m3 was the limit for decanters (Sinnott, 18 

2005). Reactor and tanks are filled to 80 % of the maximum volume capacity. This allows for 19 

expansion and provides appropriate space for vapor above the liquid surface (Turton et al., 2009). For 20 

the distillation columns, in case the diameter of the column is bigger than 3 m, the feed was split into 21 

as many columns in parallel, that allowed each column to have a diameter at or below 3 m  (Sinnott, 22 

2005). Equipment costs were updated using CEPCI index for 2016 of 541.7. Other costs were 23 

obtained as a factor of the equipment cost estimates. 24 
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The sum of direct and indirect costs, reported in Table 4, results in the total fixed capital (TFC) for 1 

the implementation of the chemical plant. The total investment was obtaining by adding 5% of TFC 2 

as the working capital. In order to annualize the total capital cost, a plant operational life of 20 years 3 

was chosen (da Silva et al., 2017; Singhabhandhu and Tezuka, 2010). 4 

Operating costs represent the costs of producing the product and includes fixed and variable operating 5 

costs. Fixed costs (FC) are costs that are independent of the production rate. Maintenance, operating 6 

labor, supervision, insurance and license fees are defined as fixed costs. These costs can be estimated 7 

from TFC. To estimate the operating labor, five shift crews were used with three operators per shift 8 

and five shift crews. The wage rate per operator was estimated using the method by Turton et al. 9 

(2009). Variable costs (VC) include raw materials and utilities, and depend on the amount of 10 

production. These were calculated from the flows computed in the optimization of the problem. Fixed 11 

and variable operating costs represent the direct operating costs. Extra costs including sales expenses, 12 

research and development, and general overhead costs can be obtained as a function of the direct 13 

operating costs. Table 4 includes the summarized cost factors for a predominantly fluid processing 14 

plant. The sum of direct operating and extra costs result in the annual production cost. Assuming a 15 

biodiesel production of 250,000 tons per year, the production cost, in US$/kg, was obtained. 16 

The estimate of the plant profit was obtained by deducting the annual production cost and the 17 

annualized capital cost from the total product sales. The break-even price was also obtained for the 18 

case when the products selling price was equal to the production costs, resulting in a no profit sale. 19 

  20 
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5. Results and Discussions 1 

The results obtained from the maximization of the production profit executed in GAMS to produce 2 

biodiesel from castor oil using both liquid and immobilized enzyme catalysis are discussed in the 3 

following subsections. 4 

 5 

5.1 Liquid-enzyme catalyzed route 6 

The optimization results for the stream specifications in the case of transesterification with liquid 7 

enzymes are shown in Table 5. The optimal enzyme flow rate corresponded to 0.3 wt% by weight of 8 

castor oil. This amount refers to the lowest level of enzymes allowed in the simulation. The 9 

maximization of the profit is associated with the reduction of feedstock purchase costs. The cost of 10 

the enzyme is high compared to the costs of the other raw materials and chemicals. Minimization of 11 

the enzyme flow rate is thus essential to guarantee higher profit, especially as the biodiesel yield is 12 

not greatly affected. The optimal methanol-to-oil molar ratio in the reactor was equal to 9, where a 13 

high biodiesel conversion can be achieved without inhibition of the enzyme activity. Of the total 14 

methanol flow entering the reactor, 31 % is fresh methanol fed to the process. The reactor temperature 15 

was 36.4 °C, which is in agreement with results previously observed (Andrade et al., 2017b). At the 16 

optimal conditions 69.3 wt% of the reactor exit stream was FAME, corresponding to a biodiesel yield 17 

of 93.8 %. The non-polar phase from the reactor was composed, in mass, by 0.01 % TAG, 0.37 % 18 

DAG, 3.53 % MAG, 2.71 % FFA and 93.38 % FAME. 19 

After the methanol recovery in Dist1, FAME composition increased to 83.9 wt%. From the decanters, 20 

the glycerol rich phase consisted of 95.5 wt% glycerol with a flow rate of 0.45 kg/s. This 21 

concentration is higher than the minimum 92 wt% which can be marketed commercially. The rest of 22 

the glycerol rich stream was mainly water. The bottom phase from Decanter 2 consisted of 61.6 wt% 23 

glycerol, besides water and propylene glycol from the liquid enzyme. 24 
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From the biodiesel purification step, FAME was obtained with a purity of 99.97 wt%, while the FFA 1 

stream consisted of 98.2 wt% free fatty acids, which can be sold as byproduct. However, the 2 

production of FFA was small (0.22 kg/s) compared to the production of FAME (7.47 kg/s). 3 

From the optimization, it was observed that HX9 could be eliminated from the process. This results 4 

in negligible modification in the simulation results since no temperature change was observed in this 5 

heat exchanger. The operating pressure of the distillation columns were 50.0, 2.3 and 3.5 kPa, 6 

respectively. The pressures in Dist2 and Dist3 were expected to be low to avoid high temperatures in 7 

the column, which would cause the products to deteriorate. 8 

 9 

5.2 Immobilized enzyme-catalyzed route 10 

The results for the transesterification with immobilized enzyme are shown in Table 6. The optimal 11 

methanol-to-oil molar ratio obtained was 17.6. 17 % of the methanol feed to the reactor was fresh 12 

methanol, while the rest corresponds to recovered methanol. The optimal temperature in the reactor 13 

was 50 °C. 62.3 wt% of the stream leaving the reactor corresponded to FAME. The optimization 14 

achieved a 99.9 % biodiesel yield, which was obtained with a reaction time of 4 hours. 15 

The distillate from the distillation column contained around 72 wt% methanol, 27 wt% n-hexane and 16 

1 wt% water. The bottom stream had a composition of 90.6 wt% FAME. The column pressure was 17 

77.5 kPa. Decanting resulted in 8.04 kg/s top phase, composed by 99.9 wt% FAME and 0.83 kg/s 18 

bottom phase, composed of 95.1 wt% glycerol and 4.3 wt% water.  19 

The energy consumption of this process is larger due to the larger alcohol-to-oil ratio and the 20 

operating temperature at the reactor. 21 

 22 

5.3 Economic assessment  23 

 24 
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5.3.1 Gross biodiesel production profit 1 

The objective function for process LEC gave a gross profit of 3.52 US$/s. The selling price of 2 

biodiesel, glycerol and ricinoleic acid obtained from the optimization totalized 8.00 US$/s, while 3 

costs of raw materials and utilities is 4.26 and 0.22 US$/s, respectively. Regarding process IEC, the 4 

selling price of biodiesel and glycerol obtained was 8.90 US$/s. The cost of utilities was 0.06 US$/s, 5 

while the raw material costs, disregarding the costs of the immobilized enzymes was 3.92 US$/s. The 6 

gross profit for this process was 4.92 US$/s. 7 

The higher costs reported for process LEC is caused by the cost of the liquid enzyme, representing 8 

0.36 US$/s. Higher costs with utilities in process LEC (0.22 against 0.06 US$/s) is because this 9 

process includes a more complete biodiesel purification step. The addition of two additional 10 

distillation columns required two extra condensers and reboilers, which demand extra cooling water 11 

and steam. 12 

According to the manufacturer, the price of the immobilized enzyme is 1000 US$/kg. The 13 

optimization of the gross profit resulted in negative profit in the case that enzyme reuse was not 14 

considered. Because of that, for process LEC, the objective profit function is also a function of the 15 

number of times that the enzyme is reused. To be competitive with the chemical-catalyzed routes, 16 

immobilized enzymes need to be reused in the process. Reuse of enzymes will however, decrease the 17 

enzyme activity, resulting in a less efficient process with lower biodiesel production. 18 

The optimization described is essential to determine the optimal reaction condition and evaluate the 19 

costs with raw materials and utilities, besides the products selling price. However, calculation of the 20 

capital and operating production costs provides a more detailed estimation of the annual profit. This 21 

evaluation is still preliminary concerning the level of details and can only be used as a starting point 22 

for the thorough engineering analysis required for the design and construction of the chemical plant.  23 

 24 
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5.3.2 Total capital investment 1 

Table 7 presents the individual costs as well as the total capital investment of the castor oil 2 

methanolysis by using the enzymes Eversa Transform and Novozym 435 as catalysts for a biodiesel 3 

production of 250,000 tons per year. Process LEC required higher total capital cost due to the need 4 

of more equipment. This statement is confirmed when the costs of heat exchangers and distillation 5 

columns are compared between the processes. Cost distribution in the different steps of the processes 6 

is shown in Figure 4. Due to its complexity, biodiesel purification in process LEC represents half of 7 

the equipment purchase costs, followed by the methanol recovery step. In process IEC, the methanol 8 

recovery step is the largest single entry on the equipment costs, in which the distillation column 9 

recovered both unreacted methanol and the solvent n-hexane. The transesterification represents 10 

smaller investments in both processes compared to the recovery and purification steps. 11 

 12 

5.3.3 Annual production costs 13 

The estimated annual operating costs for each process are shown in Table 8. In process IEC, the cost 14 

of immobilized enzymes is a function of the number of cycles that the enzymes are reused. Higher 15 

variable costs in process LEC were because of the costs of enzymes and utilities. 16 

The annual production cost of 194.1 million US$ in process LEC resulted in a process cost of 0.78 17 

US$/kg biodiesel. Subtracting the annual production cost from the optimized selling price of the 18 

products (8.00 US$/s), and considering the annualized capital investment, the plant obtains a profit 19 

of 51.6 million US$/year. The break-even price was 790 US$/ton biodiesel. 20 

In case of process IEC, the process cost was 0.68 US$/kg biodiesel, disregarding the cost of Novozym 21 

435. The enzyme cost needs to be included in order to compare the feasibility of both processes. The 22 

cost of liquid enzymes is over 65 times cheaper than the price of the immobilized enzymes. Figure 5 23 

presents the variation of the production profit for process IEC as function of the number of reuse 24 
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cycles of the enzyme. For the reaction conditions used in the simulation, it was found that Novozym 1 

435 should be reused over 150 times to yield a positive profit. Novozym 435 would need to be reused 2 

at least 300 times to achieve a profit competitive with process LEC. Continuous enzyme reuse 3 

increases the profit of the process. Reuse of Novozym 435 of 500 and 1000 times would increase the 4 

profit to 72.6 and 88.1 million US$/year, respectively. However, larger enzyme reuse has smaller 5 

effect on the process profit. Therefore, the maximum number of reuse cycles needs to be determined 6 

since the enzyme activity might be reduced after consecutive batches.  Du et al. (2004) evaluated the 7 

activity of Novozym 435. They found Novozym 435 to be reusable for 100 cycles with methyl acetate 8 

as acyl acceptor instead of methanol, for soybean oil transesterification. Methanolysis of rapeseed oil 9 

using tert-butanol as solvent was done by Li et al. (2006) using Lipozyme TL IM and Novozym 435. 10 

They found that for 200 cycles there was no obvious loss in the enzyme activity. Further studies 11 

though are needed to evaluate the activity of Novozym 435 in the methanolysis of castor oil. 12 

Because the enzyme should be continuously recovered and reused, besides possible loss in activity, 13 

the process using liquid enzymes seems to be more attractive to implement. Furthermore, the process 14 

IEC simulation needs further improvement, including a kinetic model for the formation of 15 

intermediate products and consequently, an extended biodiesel purification step. 16 

Table 9 compares the results obtained for process LEC with different process evaluations found in 17 

the literature. The production cost was adjusted according to the Consumer Price Index. The purchase 18 

costs of equipment and total fixed capital were adjusted from the production capacity. Corrected costs 19 

𝐶𝐶𝑚𝑚 were found by: 20 

𝐶𝐶𝑚𝑚 = 𝐶𝐶𝑓𝑓𝑚𝑚𝑅𝑅0.65      (4) 21 

Where 𝐶𝐶 is the cost based on the original production capacity, 𝑓𝑓𝑚𝑚 is the cost index ratio at the time of 22 

cost 𝐶𝐶𝑚𝑚 to that at the time of 𝐶𝐶, and the ratio 𝑅𝑅 is defined as the capacity of the new facility divided 23 

by the capacity of the old facility, raised to the average power of 0.65 (Peters et al., 2003). The results 24 
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are in accordance with the results from the literature for different substrates and catalytic routes. 1 

Using the same substrate for the biodiesel production, Santana et al. (2010) obtained lower equipment 2 

costs in their alkali ethanolysis of castor oil. Lower total fixed capital were also obtained for cases of 3 

alkali methanolysis of soybean oil (Granjo et al., 2017; Haas et al., 2006) and supercritical 4 

methanolysis of WCO (Lee et al., 2011). In process LEC, the more complete biodiesel purification 5 

step using two distillation columns to remove unreacted oil, DAG, MAG and FFA explains the higher 6 

total fixed capital costs, which at the same time ensures a better product quality. From Table 9 it is 7 

obvious that the LEC process in the future might be able to compete with the alkali catalyzed 8 

processes if the enzyme can be recycled without an appreciable loss of activity. Further economic 9 

improvements is also possible if heat integration to reduce energy consumption and operating costs 10 

are included as shown in the Supplementary Material. 11 

This analysis highlights how process modeling contribute in the synthesis and evaluation of biodiesel 12 

production catalyzed by enzymes. The economic evaluation completes this analysis giving important 13 

indications regarding the process challenges. In particular, it is evident for process IEC that the 14 

number of times the enzymes can be recycled is an important optimization parameter. Future studies 15 

on the time dependence of the enzymatic activity is important to improve the model’s ability to predict 16 

correctly the process behavior and the economic evaluation. 17 

  18 
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6. Conclusion 1 

Two different routes were evaluated for the enzymatic transesterification of castor oil. The first 2 

process (Process LEC) used liquid enzyme Eversa Transform as catalyst, without enzyme reuse, the 3 

second process (Process IEC) used immobilized enzyme Novozym 435 as catalyst, with reuse of the 4 

enzymes. Biodiesel production profit was maximized and the optimal operating conditions were 5 

obtained.  6 

From the optimal conditions and the process economic assessment, process LEC resulted in a 7 

production cost of 0.78 US$/kg, corresponding to a profit of 51.6 million US$/year, for an annual 8 

biodiesel production of 250,000 tons. Due to the high price of immobilized enzymes, Novozym 435 9 

should be reused at least 300 times to achieve a profit similar to process LEC. Considering that 10 

enzymes lose activity after reuse, process LEC is expected to be the most economic to implement. 11 

 12 
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Figure Captions 1 

Figure 1. Castor oil transesterification using the liquid enzyme-catalyzed route. 2 

Figure 2. Castor oil transesterification using the immobilized enzyme-catalyzed route. 3 

Figure 3. Phase separation after centrifugation of the products from the transesterification reaction 4 

catalyzed by liquid enzyme. 5 

Figure 4. Capital cost units distribution for processes (a) LEC and (b) IEC. 6 

Figure 5. Production profit for the process IEC as function of the number of enzyme reuse cycles. 7 

  8 



 

33 
 

Table 1: Kinetic parameters as function of the temperature for the methanolysis of castor oil using 1 

liquid enzymes Eversa Transform as catalyst. 2 

Parameter 𝐾𝐾(𝑇𝑇) 𝐾𝐾(𝑇𝑇, [𝐸𝐸]) 

𝑉𝑉𝑢𝑢𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1 h-1] −0.1101𝑇𝑇2 +  9.8571𝑇𝑇 −  184.61 −0.1101𝑇𝑇2 +  9.8571𝑇𝑇 −  184.61 

𝑉𝑉𝑢𝑢𝑡𝑡𝑚𝑚𝑚𝑚 [L mol-1 h-1] −0.0753𝑇𝑇2 +  5.6157𝑇𝑇 −  68.261 −0.0753𝑇𝑇2 +  5.6157𝑇𝑇 −  68.261 

𝑉𝑉𝑢𝑢𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1 h-1] −0.0013𝑇𝑇2 −  0.0345𝑇𝑇 +  6.5177 −0.0013𝑇𝑇2 −  0.0345𝑇𝑇 +  6.5177 

𝑉𝑉−𝑢𝑢𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1 h-1] 2.124 E 9 exp(−6.352𝐸𝐸 − 01𝑇𝑇) 2.124 E 9 exp(−6.352𝐸𝐸 − 01𝑇𝑇) 

𝑉𝑉−𝑢𝑢𝑡𝑡𝑚𝑚𝑚𝑚 [L mol-1 h-1] 0.0076𝑇𝑇2 −  0.6132𝑇𝑇 +  16.473 0.0076𝑇𝑇2 −  0.6132𝑇𝑇 +  16.473 

𝑉𝑉−𝑢𝑢𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1 h-1] −5.6679 E−5𝑇𝑇2 −  1.5309 E−2𝑇𝑇 

+  1.2062 

−5.6679 E−5𝑇𝑇2 −  1.5309 E−2𝑇𝑇 

+  1.2062 

𝑉𝑉ℎ𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1 h-1] −0.0204𝑇𝑇2 +  1.6207𝑇𝑇 −  29.105 −0.0204𝑇𝑇2 +  1.6207𝑇𝑇 −  29.105 

𝑉𝑉ℎ𝑡𝑡𝑚𝑚𝑚𝑚 [L mol-1 h-1] −0.0017𝑇𝑇2 +  0.3368𝑇𝑇 +  4.7025 −0.0017𝑇𝑇2 +  0.3368𝑇𝑇 +  4.7025 

𝑉𝑉ℎ𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1 h-1] 8.8915 E−8𝑇𝑇2 −  6.5417 E−6𝑇𝑇 

+  1.2034 E−4 

8.8915 E−8𝑇𝑇2 −  6.5417 E−6𝑇𝑇 

+  1.2034 E−4 

𝑉𝑉−ℎ𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1 h-1] 0.0254𝑇𝑇2 −  2.2176𝑇𝑇 +  66.983 0.0254𝑇𝑇2 −  2.2176𝑇𝑇 +  66.983 

𝑉𝑉−ℎ𝑡𝑡𝑚𝑚𝑚𝑚 [L mol-1 h-1] 0.0611𝑇𝑇2 −  5.1205𝑇𝑇 +  150.01 0.0611𝑇𝑇2 −  5.1205𝑇𝑇 +  150.01 

𝑉𝑉−ℎ𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1 h-1] −0.002𝑇𝑇2 +  0.1251𝑇𝑇 +  0.1977 −0.002𝑇𝑇2 +  0.1251𝑇𝑇 +  0.1977 

𝑉𝑉𝑚𝑚𝑒𝑒𝑒𝑒𝑚𝑚 [L mol-1 h-1] −0.0189𝑇𝑇2 +  1.3396𝑇𝑇 −  19.313 −0.0189𝑇𝑇2 +  1.3396𝑇𝑇 −  19.313 

𝑉𝑉−𝑚𝑚𝑒𝑒𝑒𝑒𝑚𝑚 [L mol-1 h-1] −0.0014𝑇𝑇2 +  0.1049𝑇𝑇 −  1.5808 −0.0014𝑇𝑇2 +  0.1049𝑇𝑇 −  1.5808 

𝐾𝐾𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1] −0.0273𝑇𝑇2 +  2.6352𝑇𝑇 −  57.214 −54.523𝑇𝑇2 +  5270.5𝑇𝑇 −  114428 

𝐾𝐾𝑡𝑡𝑚𝑚𝑚𝑚 [L mol-1] 0.0593𝑇𝑇2 −  7.1982𝑇𝑇 +  214.36 118.52𝑇𝑇2 −  14396𝑇𝑇 +  428728 

𝐾𝐾𝑚𝑚𝑚𝑚𝑚𝑚 [L mol-1] 0.00015𝑇𝑇2 −  0.0110𝑇𝑇 +  0.1949 0.3084𝑇𝑇2 –  21.9298𝑇𝑇 +  389.7564 

𝐾𝐾𝑒𝑒𝑒𝑒𝑚𝑚 [L mol-1] 3.2485 E−6 6.311 E−3 

𝐾𝐾𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚 [mol L-1] 4834 2.417 

[𝐸𝐸] [mol L-1] Equation 1 Equation 2 
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Table 2: Product composition, in percentage, after methanolysis of castor oil at 35 °C with 5 wt% of 1 

liquid enzyme solution by weight of castor oil, after 8 hours of reaction. MATLAB validation of the 2 

kinetic parameters. 3 

Component Original simulation Using 𝐾𝐾(𝑇𝑇) and 𝑉𝑉(𝑡𝑡) Using 𝐾𝐾(𝑇𝑇, [𝐸𝐸]) and 𝑉𝑉(𝑡𝑡) 

TAG 0.03 0.04 0.04 

DAG 0.48 0.59 0.58 

MAG 3.18 3.49 3.44 

FFA 4.54 5.29 5.27 

Methanol 11.30 10.89 10.88 

Water 7.16 7.16 7.16 

FAME 66.82 66.11 66.18 

Glycerol 6.48 6.44 6.45 

 4 

Table 3: Prices of chemicals and utilities for the enzymatic methanolysis of castor oil. 5 

Item Price Unit 

Raw material and chemicals 
  

Castor oil 0.45 US$/kg 

Methanol 0.383 US$/kg 

Water 0.38 US$/ton 

N-hexane 0.55 US$/kg 

Enzymes 
  

Eversa Transform 15.0 US$/kg 

Novozym 435 1000 US$/kg 

Utilities 
  

Steam 15.51 US$/GJ 

Cooling water 0.33 US$/GJ 

Electricity 0.06 US$/kWh 

Products 
  

Biodiesel 0.989 US$/kg 

Ricinoleic acid 1.2 US$/kg 

Glycerol 0.5 US$/kg 
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Table 4: Factors for estimative of capital and operating costs of a chemical plant. 1 

Capital cost Factor Operating cost Factor 

Direct costs (DC)   Fixed costs (FC) 
 

Equipment purchase (PCE) Correlations Maintenance 0.075 of TFC 

Equipment erection 0.4 of PCE Operating labor (OL) Manning estimates 

Piping 0.7 of PCE Laboratory costs 0.2 of OL 

Electrical 0.1 of PCE Supervision 0.2 of OL 

Instrumentation 0.2 of PCE Plant overheads 0.5 of OL 

Process buildings and structures 0.15 of PCE Capital charges 0.1 of TFC 

Ancillary buildings 0.15 of PCE Local taxes 0.02 of TFC 

Storage 0.15 of PCE Insurance 0.01 of TFC 

Utilities (Services) 0.5 of PCE License fees and royalty 0.01 of TFC 

Site development 0.05 of PCE Variable costs (VC) 
 

Indirect costs (IC)   Raw materials Flowsheet 

Design and engineering 0.3 of DC Miscellaneous operating materials 0.05 of maintenance 

Contractor's fees 0.05 of DC Utilities Flowsheet 

Contingency allowance 0.1 of DC Sales, overheads, R&D 0.25 of FC + VC 

 2 
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Table 5: Optimal streams specifications of the liquid enzyme-catalyzed route. 1 
Stream 1 2 3 4 5 6 7 8 9 10 11 12 13 

Temperature (°C) 20.0 20.0 20.0 20.0 20.0 41.4 25.3 36.4 36.4 55.9 49.7 95.2 20.0 

Pressure (kPa) 101 101 101 101 101 101 101 101 101 101 50.0 50.0 101 

Mass flow (kg/s) 8.003 0.024 0.189 0.775 8.216 2.666 10.881 10.881 10.881 10.881 1.891 8.990 8.990 

Mass fraction 
             

   TAG 1.000 0.000 0.000 0.000 0.974 0.000 0.735 0.735 0.00005 0.00005 0.000 0.00006 0.00006 

   DAG 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.003 0.003 0.000 0.003 0.003 

   MAG 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.026 0.026 0.000 0.032 0.032 

   FFA 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.020 0.020 0.000 0.024 0.024 

   Methanol 0.000 0.000 0.000 1.000 0.000 0.927 0.227 0.227 0.156 0.156 0.898 0.0002 0.0002 

   Water 0.000 0.750 1.000 0.000 0.025 0.073 0.037 0.037 0.036 0.036 0.102 0.022 0.022 

   FAME 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.693 0.693 0.000 0.839 0.839 

   Glycerol 0.000 0.000 0.000 0.000 0.000 0.000 0.0006 0.000 0.066 0.066 0.000 0.080 0.080 

   Propylene glycol 0.000 0.250 0.000 0.000 0.001 0.000 0.000 0.001 0.0006 0.0006 0.000 0.0007 0.0007 

Stream 14 15 16 17 18 19 20 21 22 23 24 25 26 

Temperature (°C) 20.0 20.0 20.0 20.0 227.7 226.9 269.4 225.9 20.0 26.9 237.4 20.0 20.0 

Pressure (kPa) 101 101 101 101 101 2.3 2.3 101 101 3.5 3.5 101 101 

Mass flow (kg/s) 0.913 0.449 0.464 8.077 8.077 7.686 0.391 7.686 0.391 0.220 7.466 0.220 7.466 

Mass fraction 
             

   TAG 0.000 0.000 0.000 0.000 0.000 0.000 0.001 0.000 0.001 0.000 0.000 0.000 0.000 

   DAG 0.000 0.0001 0.000 0.004 0.004 0.000 0.078 0.000 0.078 0.000 0.000 0.000 0.000 

   MAG 0.0003 0.0006 0.000 0.035 0.035 0.000 0.728 0.000 0.728 0.000 0.000 0.000 0.000 

   FFA 0.0002 0.0005 0.000 0.027 0.027 0.028 0.001 0.028 0.001 0.982 0.0003 0.982 0.0003 

   Methanol 0.002 0.000 0.004 0.000 0.000 0.000 0.193 0.000 0.193 0.000 0.000 0.000 0.000 

   Water 0.208 0.042 0.368 0.0005 0.0005 0.001 0.000 0.001 0.000 0.018 0.000 0.018 0.000 

   FAME 0.0008 0.002 0.000 0.933 0.933 0.971 0.000 0.971 0.000 0.000 0.9997 0.000 0.9997 

   Glycerol 0.783 0.955 0.616 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 

   Propylene glycol 0.007 0.000 0.013 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 
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Table 6: Optimal stream specifications of the immobilized enzyme-catalyzed route. 1 

Stream 1 2 3 4 5 6 7 8 

Temperature (°C) 20.0 20.0 20.0 20.0 20.0 38.1 26.7 50.0 

Pressure (kPa) 101 101 101 101 101 101 101 101 

Mass flow (kg/s) 8.003 0.040 0.001 0.827 8.044 4.847 12.891 12.891 

Mass fraction 
        

   TAG 1.000 0.000 0.000 0.000 0.995 0.000 0.621 0.621 

   Methanol 0.000 0.000 0.000 1.000 0.000 0.771 0.290 0.290 

   Water 0.000 1.000 0.000 0.000 0.005 0.008 0.006 0.006 

   FAME 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 

   Glycerol 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 

   n-Hexane 0.000 0.000 1.000 0.000 0.0001 0.221 0.083 0.083 

Stream 9 10 11 12 13 14 15 
 

Temperature (°C) 50.0 53.8 41.9 137.5 20.0 20.0 20.0 
 

Pressure (kPa) 101 101 78.0 78.0 101 101 101  

Mass flow (kg/s) 12.891 12.891 4.020 8.871 8.871 0.830 8.041 
 

Mass fraction 
        

   TAG 0.000 0.000 0.000 0.000 0.000 0.000 0.000 
 

   Methanol 0.226 0.226 0.723 0.0003 0.0003 0.004 0.000 
 

   Water 0.006 0.006 0.010 0.005 0.005 0.043 0.001 
 

   FAME 0.623 0.623 0.000 0.906 0.906 0.001 0.999 
 

   Glycerol 0.061 0.061 0.000 0.089 0.089 0.951 0.000 
 

   n-Hexane 0.083 0.083 0.267 0.0001 0.0001 0.001 0.000 
 

   2 
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Table 7: Equipment and total capital investment, in millions of US$, for a biodiesel production of 1 

250,000 tons per year. 2 

Cost Process LEC Process IEC 

Heat exchangers 1.08 0.84 

Distillation columns 10.83 8.63 

Reactor 0.99 0.49 

Decanters 0.21 0.10 

Storage tanks 0.95 0.91 

Purchase costs of equipment 14.08 10.98 

Direct costs 30.48 23.57 

Total physical plant cost 43.60 33.64 

Indirect costs 19.62 15.14 

Total fixed capital 63.22 48.78 

Working capital 3.16 2.44 

Total capital investment 66.38 51.22 

Annualized capital investment 3.32 2.56 

 3 

 4 

Table 8: Annual operation costs, in millions of US$, for a biodiesel production of 250,000 tons per 5 

year, assuming 360 days of production. 6 

Cost Process LEC Process IEC 

Fixed costs 15.64 12.54 

Variable costs 139.65 123.82+1000/cycles 

Sales, overheads, R&D 38.82 34.09 

Annual production cost 194.11 170.45+1000/cycles 

 7 

 8 

  9 
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Table 9: Comparison of the results from the optimal case with results adapted from literature. 1 

 
This work 

(Process LEC) 

Lee et al. 

(2011) 

Granjo et al. 

(2017) 

Haas et al. 

(2006) 

Santana et al. 

(2010) 

Substrate Castor oil Cooking oil Soybean oil Soybean oil Castor oil 

Catalytic route Enzymatic Supercritical Alkali Alkali Alkali 

Operating time (days) 360 333 360 - 360 

Production capacity 

(kton/year) 

250 40 150 41.3 8.64 

Purchase costs of 

equipment (US$, million) 

14.08 5.66 - 15.72 10.28 

Total fixed capital (US$, 

million) 

63.22 42.45 49.30 49.48 - 

Production cost (US$/kg) 0.78 - 0.70 0.76 1.15 

Break-even (US$/ton) 790 821 798  - -  
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Figure 2 1 
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Figure 3 1 
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Figure 4 1 
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Figure 5 1 
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