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Abstract 7 

The production of bioethanol from lignocellulosic feedstock has proven to be a complex task due to the recalcitrant 8 

structure of the biomass. Organosolv pretreatment is a promising alternative to remove nearly pure lignin from the 9 

biomass and make the sugars available for conversion. However, in order for the organosolv pretreatment to be 10 

technically feasible, an efficient solvent recycle is required. This work studied the complete process for lignocellulosic 11 

bioethanol production based on organosolv pretreatment method. First, process synthesis is applied to devise 6 process 12 

alternatives for the bioethanol production based on theoretical and experimental works. The analysis was focused on the 13 

solvent recovery and recirculation, integrating the pretreatment and product separation and purification areas. Technical 14 

and economic indicators were employed to reveal the best alternative among the proposed designs.  The results showed 15 

that the minimum ethanol selling price for the process was 1.27 US$/kg of ethanol with a total energy consumption of 16 

29.02 kWh per kilogram of ethanol produced, with 43% of that from hot utilities and 57% from cold utilities. 17 
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1. Introduction 23 

The global identified fossil fuel reserves are expected to dry out, respectively, in 50 and 52 years if oil and natural 24 

gas production remains constant for the next years [1]. Since the start of the Industrial Revolution in the late 18th 25 

century the total amount of carbon dioxide in the atmosphere spiked from 278 to 400 parts per million [2] directly 26 

affecting air quality and health of millions worldwide [3]. Kampa and Castanas [4] showed that air pollution have a 27 

high impact on life quality of individuals, disturbing the function of the respiratory, cardiovascular, nervous and 28 

digestive systems. On top of that, unpredictable geopolitical disputes cause instability on the oil market influencing the 29 

energy security and national policies of whole countries. 30 

Lignocellulosic biomass has the largest natural share of stored energy with an annual production of 1012 tons per 31 

year [5], besting the production of all fossil fuels combined, estimated in 109 tons per year [1]. Biofuels produced from 32 

lignocellulosic biomass has the advantage of significantly reducing the carbon dioxide emissions considering all its life-33 

cycle [6]. It is, therefore, an expected substitute for the fossil derivatives in the future global energy matrix as reinforced 34 

by the United Nations Development Programme (UNDP) in its sustainable development goals [7]. 35 

The main sources of biomass material are agricultural residues (corn stover, sugar cane bagasse, rice straw, etc.), 36 

forest residues (woods, branches, foliage, etc.), energy crops (switchgrass, yellow poplar, etc.) and municipal waste. 37 

The different types of lignocellulosic biomass have in common its components: cellulose, hemicellulose and lignin 38 

ordered in a complex configuration that grants the plant cell wall structural support and protection. The recalcitrant 39 

arrangement of lignocellulosic biomass hinders the access of microorganism to the fermentable sugars, being required a 40 

special treatment to open its structure for further processing. 41 

Several pretreatment methods, such as diluted acid, steam explosion, liquid hot water, etc., were investigated over 42 

the past years and are described in different review papers [8–10]. Every pretreatment has its advantages and drawbacks 43 

and due to the very different nature of available biomasses, some of them are recommended for a specific type of 44 

feedstock. Among the alternatives, organosolv pretreatment emerges as the only one capable of isolating each 45 

component of the biomass, attaining relatively pure lignin that can be sold as a by-product or converted into higher-46 

value products in a biorefinery concept [11]. 47 

The organosolv process was initially employed in the paper pulping industry as a cleaner alternative for the kraft 48 

and sulfite processes [12]. Although having less impact on air and water pollution, the organosolv method did not 49 
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achieve the degree of delignification necessary for the paper manufacturing [12].On the other hand, for bioethanol 50 

production, the lower degree of delignification is not a limitation when preparing the biomass for hydrolysis and 51 

fermentation as it is for the pulping industry. The removal of lignin from the process provides another advantage for 52 

organosolv pretreatment when compared to other pretreatment methods: fewer amounts of inhibitors compounds are 53 

generated, increasing the efficiency of the conversion process [13]. 54 

Several authors have investigated the intricacies of the organosolv process applied to biomass pretreatment, such as 55 

solvent used, solvent ratio and the temperature of the process. Zhang et al. [11] compared the effect of different 56 

solvents, such as ethanol, organic acids, peroxylic acids, glycerol, ethylene glycol, methyl isobutyl ketone (MIBK) and 57 

2-methyl-tetrahydrofurfuran (2-MTHF) on the biomass regarding the delignification, removal of hemicellulose, 58 

decrystallization and cellulose accessibility. García et al. [14] stressed the energy intense characteristic of organosolv 59 

pretreatment in relation to other pretreatment alternatives. Park et al. [15] investigated the effect of three different 60 

catalysts (sulfuric acid, magnesium chloride and sodium hydroxide) on the overall yield of the organosolv pretreatment 61 

and concluded that sulfuric acid at 1% obtained highest yield among them. Mesa et al. [16] and Araque et al. [17] 62 

studied the effect of temperature and residence time on the ethanol yield and concluded that a higher severity in the 63 

pretreatment resulted in a higher ethanol yield after fermentation. Finally, da Silva et al. [18] and Nitzsche et al. [19] 64 

studied the effect of several parameters on the process techno-economic performance of the organosolv pretreatment, 65 

although not presenting solutions to debottleneck the process. 66 

The majority of the authors mainly focus on the experimental area, with little attention given to the whole process, 67 

including the pretreatment, hydrolysis and fermentation and product purification. This paper applied the concepts of 68 

process system engineering to develop and analyze feasible pathways to convert biomass feedstock into bioethanol 69 

through organosolv process. We analyzed several scenarios involving solvent recovery and recycle, aiming to 70 

investigate the different process aspects on an integrated system, from biomass pretreatment, solvent recovery and 71 

recycle to product purification.  72 

2. Methodology 73 

2.1 Process synthesis and design for base case organosolv pretreatment process 74 

Besides from splitting the biomass into its main components and producing less inhibitors for the hydrolysis and 75 

fermentation processes, organosolv pretreatment has the advantage of using solvents that can be obtained from 76 
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renewable sources [11]. Ethanol rises as an interesting possibility for the process’ solvent due to its low boiling point, 77 

toxicology, safety of managing and potential integration within the process. The use of ethanol as solvent for the 78 

organosolv pretreatment is known as Lignol process [20]. Ethanol concentration in the solvent is one of the main 79 

parameter of the process that impact directly in the amount of lignin removed from the biomass [21]. However as the 80 

ethanol concentration increases, more demanding and costly is the recovery process. A mixture of ethanol and water at 81 

50% (w/w) showed promising results in a balance of delignification and hydrolysis conversion when treating hardwood 82 

biomass and thus was selected as the solvent in this work [19, 22, 23].  83 

While delignification is one of the main features of the ethanol organosolv pretreatment, the glucan digestibility 84 

can be enhanced by the addition of acid as a catalyst to the process [21]. It is believed that the acid catalyzed process 85 

converts the crystalline cellulose dimorphs (Iα and Iβ) to a para-crystalline form, more easily degradable [23]. The use of 86 

acid as a catalyst also decreases the temperature and the residence time required in the pretreatment reactor as it 87 

increases the severity factor of the process [24, 25]. 88 

In this study we simulated an industrial size bioethanol production plant processing 88,500 kg of spruce per hour 89 

using acid catalyzed ethanol organosolv pretreatment, similar dimension processes were studied by Humbird et al. [26] 90 

and Aden and Foust [27]. Spruce biomass, a softwood tree from the Pinaceae family, was used as feedstock and had a 91 

dry matter composition of 45% glucan, 22% xylan, 28% lignin, 3% acetate and 2% of ash [28]. Aspen Plus® v8.6 was 92 

used to run the process simulations. Non-random two liquid (NRTL) property method was selected for the simulations 93 

and components from Aspen’s databank were used whenever possible. Components and properties from the National 94 

Renewable Energy Laboratory report were used for those components not found within Aspen’s databank [26]. 95 

2.1.1 Organosolv pretreatment 96 

Figure 1 shows the flowsheet for the bioethanol production using the organosolv process. Highlighted in blue is the 97 

pretreatment area. Organosolv pretreatment process starts with presteaming the wood chips to 130°C (PREHEAT). The 98 

chips are subsequently mixed with the organic solvent, in our case a solution of ethanol and water at 50% (w/w) in a 99 

solvent:dry biomass ratio of 5:1. Sulfuric acid is added as a catalyst to the process in a total of 1.75% (w/w) to dry 100 

biomass. The slurry cooks in the pretreatment reactor (PTRCT) for 40 minutes of residence time at 180°C and 27.2 atm 101 

of pressure. During the cooking process the solvent penetrates the biomass pores and dissolves part of the lignin present 102 

in the biomass [29]. Thereafter the pressure is released and the mixture is filtered. The filtration process results in two 103 
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streams: a solid stream rich in cellulose (PULP) and a liquid stream rich in hemicellulose, lignin and solvent (LIQ). The 104 

solid stream, also called pulp stream, goes through a two-stage washing process. In the first stage (WASHER1) the solid 105 

stream is washed with solvent, in a ratio of 2:1 to the pulp stream (w/w), to recover the ethanol organosolv lignin (EOL) 106 

still embedded in the biomass. In the second washing stage (WASHER2), water, in a ratio of 2:1 to the pulp stream 107 

(w/w), is used to recover the solvent present in the pretreated paste. After the two-stage washing process, the pulp 108 

stream is sent to the mixing tank (MIXTANK) prior to the process conversion area. Meanwhile, the liquid stream from 109 

the pretreatment reactor goes through a solvent recovery process. After the solvent recovery, the solvent free liquid 110 

stream is mixed with the pulp stream in the mixing tank and sent to the hydrolysis and fermentation area. 111 
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 112 

Fig. 1 Case 1- solvent recovery following the unit operation sequence: distillation – neutralization – evaporation, with the solvent make-up drawn from a side stream 113 

from the rectifying column114 
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2.1.2 Conversion process 115 

Separate hydrolysis and fermentation is the technology used for the bioethanol conversion process. The use of two 116 

different reactors allows a separate optimization for each process, as hydrolysis enzymes have its optimum temperature 117 

around 50°C and fermentation microorganisms have their best performance close to 36°C. Having the conversion 118 

agents working in their ideal conditions allows for a greater yield throughout the process [30].  From the pretreated 119 

material, 10% is diverted to a simple on-site enzyme production, as it is proven to reduce enzyme supply costs [31]. The 120 

remaining of the biomass is cooled to 48°C and sent to the hydrolysis tank (HYDRCT), where the cellulase enzymes are 121 

added at 20mg/g cellulose. The cellulase enzyme depolymerizes the cellulose into glucose by removing cellobiose units 122 

from the long chain and cleaving it to produce glucose [32]. The hydrolysis reactions lasts for 84h and provides 90% 123 

cellulose to glucose conversion [23]. Afterwards the stream is further cooled to 36°C and Zymomonas mobilis is added 124 

to start the fermentation process (FERMRCT). Ethanol conversion from glucose and xylose are assumed 95% and 85%, 125 

respectively. Furans and acetates inhibition effects were not explicitly considered in the simulations, since no kinetic 126 

data is available, but implicitly they were considered as the conversions rate are based in experiments where the 127 

inhibitory components were present [26].  The fermentation takes place during 36 hours of residence time and then the 128 

product is ready to be sent to separation and purification areas. Figure 1 shows the conversion area enclosed in green. 129 

2.1.3 Bioethanol separation and purification 130 

Bioethanol separation and purification area can be seen in more details in Figure 1, highlighted in red. Carbon 131 

dioxide from the fermentation process is vented prior to the beer well tank. The broth from the beer well (BEERWELL) 132 

is sent to the beer column (BEERC) where three product streams are separated. The top stream from the column 133 

contains (CO2) the remaining of the carbon dioxide from the fermentation and vestiges of ethanol. The gas stream is 134 

mixed with the fermentation vent (FCO2) and directed to a vent scrubber (SCRUB) to recover part of the ethanol 135 

carried in the stream. The vent scrubber works in a counter-flow system, with water inflow in the top stage and the gas 136 

in the bottom stage. The gas product is vented to the atmosphere where the water containing the recovered ethanol is 137 

sent back to the beer well. The bottom product from the beer column is rich in non-reacted solids and the remaining 138 

lignin. The stream is further dried to recover the water and the solid fraction can be burned to produce energy to the 139 

plant. From the beer column a side stream (ET40) rich in ethanol (40% w/w) is drawn and sent to the rectification 140 

column (RECTF). The rectification column concentrates the ethanol to a near azeotropic composition. The azeotropic 141 

mixture (ETAZP) is then sent to a pair of molecular sieves adsorption units (MSIEVE) that selectively adsorb water 142 
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from the vapor product of the rectifying column in order to achieve the fuel grade specifications. The molecular sieves 143 

operate on offset cycles, i.e. while one unit is adsorbing water the other one is regenerating, allowing for a continuous 144 

process operation.  The low purity ethanol from the molecular sieves is recycled back to the beer well tank whereas the 145 

fuel grade ethanol is stored before distribution. 146 

2.1.4 Heat exchanger network 147 

High temperature in the pretreatment reactor, the use of a large amount of solvent in the process and the necessity 148 

to recover the solvent back in the liquid phase provide an interesting and desirable opportunity to recover the heat in the 149 

process. To produce the heat exchange network (HEN) we input the streams data, temperature and enthalpies, from the 150 

simulations into Aspen Energy Analyzer® v8.6 and generated the composite curves. We used cooling water as cold 151 

utility, with a temperature inlet of 20°C and outlet temperature of 45°C. In the capital costs we included a cooling tower 152 

to recover the water used as cold utility back to the process. For hot utilities it was used low pressure steam and medium 153 

pressure steam to fulfill the heating demand. The amount of total energy recovered in the system depends on the cold 154 

and hot streams of the process as well as the ∆Tmin set for building the heat exchanger network. To select the more 155 

suitable HEN design for the process, we initially set the ∆Tmin to 10°C and then minimized the utilities consumption by 156 

the grand composite curves allocation method followed by a minimization of the heat exchangers total area. Thereafter, 157 

we changed the ∆Tmin to 4°C, shifting the grand composite curves, and repeated the process to evaluate the performance 158 

of the HEN final energy recovery. A thorough discussion of the choices made for the HEN design can be seen in section 159 

3.3.  160 

2.2 Solvent recovery process and scenarios generation 161 

The solvent recovery process is usually the energy sink for those pretreatments that require that step, e.g., 162 

organosolv, ammonia fiber explosion and ionic liquid pretreatments [33]. The organosolv process in its current 163 

development stage uses a large amount of solvent to effectively alter the lignocellulosic biomass structure. In order for 164 

the process to be economically feasible, the solvent must be constantly recovered and recycled back. However the 165 

biomass degradation in the pretreatment reactor produces several chemical compounds, such as hydroxymethyl furfural 166 

(HMF), furfural and acetic acid, which need to be either neutralized or removed due to its inhibitory characteristics [34].   167 

Pan et al. [22] proposed a conceptual setup for the lignol process, starting with a flash operation to recover part of 168 

the solvent, followed by a distillation column and finishing with an evaporator to recover water. However, Pan et al. 169 
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[22] did not include the products separation and purification area. In this study, we extended Pan’s ideas into a complete 170 

biorefinery concept, including biomass conversion and bioethanol purification to fuel grade. Figure 2 shows the general 171 

approach employed to generate the flowsheets and alternatives for the organosolv pretreatment process.  172 

 173 

Fig. 2 General approach for synthesis and evaluation of bioethanol process alternatives 174 

The initial flowsheet was devised, starting the synthesis and evaluation cycle previously shown, based on technical 175 

literature and following a RSR (reaction/separation/recycle) hierarchical approach described by Douglas [35].The 176 

flowsheet included the theoretical work conceived by Pan et al. [22] and the biomass conversion and product separation, 177 

allowing a potential process integration mass-wise and energy-wise. We gathered data from the literature, especially for 178 

the reaction conversions and lignin separation, making the simulations resemble the behavior observed in practical 179 

experimentation [22, 23, 26]. The process was simulated and then evaluated based on process performance and 180 

economic indexes, such as productivity, hot and cold utilities demands, water consumption, capital costs, total annual 181 

costs (TAC) and minimum ethanol selling price (MESP). Thereafter, new alternatives to investigate the possibilities 182 

within the solvent recovery process and ethanol recycling as a make-up stream from the downstream processing back to 183 

the pretreatment area were generated based on the concepts of process system engineering, in order to minimize the 184 

overall requirements of the processes, restarting the cycle. 185 

2.3 Economic evaluation 186 

We applied the Factorial Method described by Towler and Sinnott [36] to calculate the capital cost of the evaluated 187 

processes. We accounted for the contribution of the factors, such as equipment erection, piping, instrumentation and 188 

control, electrical and civil installations, site preparation design and engineering and contingency costs by multiplying 189 
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the total purchased equipment cost by an appropriate value considering the process as a fluid-solid type to obtain the 190 

fixed capital investment (FCI) [36]. The fixed capital investment was corrected by using the chemical engineering plant 191 

cost index (CEPCI) of 562.9 relative to the year of 2015 [37]. 192 

Values for hot utilities (16.50 $/GJ),  cold utilities (0.35 $/GJ), electricity (16.8 $/GJ), sulfuric acid (0.085 $/kg), 193 

ammonia (0.30 $/kg) and process water (0.40 $/kg) were obtained from literature and corrected to 2015 values [38]. 194 

Feedstock value (67.13 $/ton) was obtained from Sassner et al. [39] and updated to 2015 values and U.S. dollars based 195 

on the inflation rate for the period. Dividing the total capital costs (CC) for the process by the years for return of 196 

investment (n), defined as 5, and adding to it the annual value of the variable costs (VC), we obtained the total annual 197 

costs (TAC) of the processes, as shown in Equation 1. 198 

𝑇𝑇𝑇𝑇𝑇𝑇 = 𝐶𝐶𝐶𝐶
𝑛𝑛

+ 𝑉𝑉𝑇𝑇 (1) 199 

Where the variable costs are obtained by adding the raw materials, chemicals and utilities costs during the 200 

operational year. 201 

The fixed operating costs comprise the labor salary costs, labor burden (90% of total salaries) and property 202 

insurance (0.7% of FCI). Literature data were used as a reference for the calculations, with the addition of the 203 

employees, such as a plant engineer, maintenance supervisor, maintenance technicians, lab technicians and shift 204 

operators, due to the increased complexity of the solvent recovery process as shown in supplementary tables S1 and S2 205 

[26]. The economic parameters, based on the NREL report and shown in supplementary table S3, were used to calculate 206 

the minimum ethanol selling price (MESP) of the studied processes by computing the discounted cash flow rate of 207 

return (DCFROR) and iterating the net present value (NPV) until its value reached zero [26]. The NPV is calculated 208 

using Equation 2, with n being the period, t the number of time periods, i the internal rate of return and CFn the net cash 209 

flow in the period n. 210 

𝑁𝑁𝑁𝑁𝑉𝑉 =  ∑ 𝐶𝐶𝐶𝐶𝑛𝑛
(1+𝑖𝑖)𝑛𝑛

𝑛𝑛=𝑡𝑡
𝑛𝑛=1  (2) 211 

3. Results 212 

3.1 Process alternatives for solvent recovery and recycle 213 
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From the conceptual idea of Pan et al. [22] we designed an initial setup for the organosolv pretreatment solvent 214 

recovery, as seen on Figure 1 delimited by dashed blue lines. The flowsheet generation marks the initial step in the 215 

approach employed for the evaluation of the bioethanol production from lignocellulosic feedstock shown on Figure 2. 216 

The biomass slurry from the pretreatment reactor is initially flashed to recover the bulk of the solvent (FLASH1). The 217 

bottom stream from the flash is mixed with the effluent from the two stages of the washing process and further water is 218 

added to precipitate the lignin in the precipitation tank (PRECTANK). The material is filtered to remove the lignin and 219 

the liquid fraction is directed to a distillation column to recover the remaining of the solvent as distillate. Pan et al. [22] 220 

introduced a method to separate the furfural and the acetic acid from the process to sell it as a marketable product. In 221 

this work we opted to neutralize the acetic acid and to add a purge to avoid the accumulation of furfural derivatives in 222 

the process. The low amount of said components would make it problematic to properly separate and achieve a 223 

profitable trade-off with the required investment. Therefore, the bottom product of the column has its acidic 224 

components, acetic acid and the added catalyst, i.e. sulfuric acid, neutralized by reacting with ammonia in the 225 

neutralization tank (NEUTANK). Finally, an evaporator (EVAP) is applied to achieve the required 20% of solids 226 

loading for the hydrolysis reactor and the desired recovered solvent ethanol concentration of 50% (w/w). 227 

After finishing the simulation step, the analysis of the process showed that the solvent recovery section was 228 

responsible for more than 80% of total hot utilities required in the process and approximately 78% of the cold utilities, 229 

as seen on Figure 3 in green. The remaining areas of the process, such as hydrolysis and conversion and product 230 

purification contributed to 99.9% of power demand, and 17.4% of hot utilities requirement, shown as the blue bar in 231 

Figure 3. The large amount of solvent used in the process plays a critical role for those values, however a suitable 232 

selection and sequencing of the unit operations also have its importance share [40]. The high demand for hot and cold 233 

utilities in the solvent recovery area indicates that process changes targeted on that section are most likely to bring 234 

substantial impact on the process performance. Several solvent recovery scenarios were studied by Silva et al. [41], but 235 

this article will focus on the most promising one. As in the initial design, the product of the pretreatment reactor is 236 

initially flashed at atmospheric pressure. The bottom stream of the flash tank is neutralized by adding ammonia in the 237 

neutralization tank. Although the concentration of acetic acid and sulfuric acid are not high in the process, their elevated 238 

boiling point and interactions with water and ethanol can make the distillation process more difficult. After neutralizing 239 

and adjusting the pH of the stream, evaporators are used to remove water and ethanol and to reduce the mass flow to the 240 

distillation column. The distillation column is the last step in the solvent recovery and recovers the remaining ethanol 241 

present in the liquid stream. 242 
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 243 

Fig. 3 Solvent recovery section share (in green) on the utilities consumption for the organosolv process 244 

In the previously described setups the solvent recovery was nearly 100%. However, further evaluating the results 245 

obtained in the simulations showed that the accumulation of HMF and furfural in the process increased its concentration 246 

in the hydrolysis stream, hindering the conversion reactions and reducing considerably the final yield of the process. A 247 

systematic study on the best purge placement and sizing was done to identify the location where it would allow the 248 

lower energy loss but efficiently remove the inhibitors of the process. Based on the results of Silva et al. [42] the purge 249 

was placed after the solvent was recovered in its desired concentration. The purge stream although having inhibitory 250 

compounds, can have its ethanol recovered. The ethanol concentration in the purge stream was of 50% (w/w) and thus 251 

was sent to the rectifying column to be further purified. 252 

The presence of a purge in the process, on the other hand, made necessary the inclusion of a solvent make-up 253 

stream. The advantage of having ethanol as a solvent in the process is the possible integration between the product 254 

separation and purification and the pretreatment areas. Thus, new scenarios were proposed and evaluated for the make-255 

up stream. Three options were devised on where to draw ethanol from the product separation and purification area 256 

keeping in mind the desired solvent concentration. In alternative 1, a side stream was pulled from the rectifying column. 257 

In this case, the plate where the side stream was drawn was such that the ethanol concentration matched the solvent 258 

concentration of 50% (w/w). In alternative 2, we changed the separation specification of the beer column to reach an 259 

ethanol concentration of 50% (w/w) instead of the usual 40% (w/w). From the ethanol stream of the beer column, we 260 

split the required amount for the make-up stream and recycled it back to the pretreatment area. Finally, in alternative 3, 261 

the top product stream from the rectifying column, azeotrope ethanol, was used as make-up stream for the process. 262 

Running the cycle showed on Figure 2 for the first time resulted in a new alternative for the solvent recovery. 263 

However, the solvent recycle led to a new issue that we had to deal: the accumulation of inhibitors in the process. 264 



13 
 

Process alternatives for this problem were investigated in more details by Silva et al. [42], and finally, by iterating the 265 

cycle a third time, different locations for the solvent make-up stream were assessed. Combining the solvent ethanol 266 

recovery options in the pretreatment area and the alternatives for the make-up stream recycle we arrive at 6 flowsheet 267 

scenarios, summarized in Table 1. All scenarios were simulated fixing the main process parameters, i.e. amount of 268 

biomass processed, pretreatment reactor pressure and temperature, solvent and catalyst ratios and hydrolysis solids 269 

loading. Furthermore, the distillation columns were optimized to minimize the energy consumption while recovering 270 

enough ethanol to avoid conversion inhibition.  271 

Table 1: Summary of the scenarios evaluated and process features 272 

Scenario Unit operation sequence Solvent make-up source 
Case 1 Distillation – Neutralization - Evaporation Side stream from rectifying column 
Case 2 Distillation – Neutralization – Evaporation Beer column product 
Case 3 Distillation – Neutralization – Evaporation Rectifying column product 
Case 4 Neutralization – Evaporation - Distillation Side stream from rectifying column 
Case 5 Neutralization – Evaporation – Distillation Beer column product 
Case 6 Neutralization – Evaporation - Distillation Rectifying column product 

 273 

3.2 Mass and energy balances 274 

The overall mass and energy balances for the developed flowsheet cases are simulated and   presented in Table 2. 275 

All the cases evaluated showed solvent recovery over 99.8%, however, as previously mentioned, a purge stream was 276 

required to avoid the accumulation of inhibitors in the pretreatment process. The purge stream was placed after the 277 

solvent recovery and before its recycle to the process. The purge diverted 1.5% of the stream to the separation and 278 

purification area, bypassing the biomass conversion step, where the inhibitors would hamper the efficacy of the 279 

microorganisms. The “Solv Recycle” stream is hereby defined as the remaining solvent stream after the purge that is 280 

recycled back to the process, values for case 3 can be seen in Table 3. 281 

Table 2: Mass and energy balances of the evaluated cases. 282 

Parameter Unit Case 1 Case 2 Case 3 Case 4 Case 5 Case 6 
Ethanol Production kg/h 23,822 24,047 24,063 24,412 24,559 24,685 
Ethanol Loss kg/h 912.44 689.13 671.52 353.91 166.91 81.94 
Solvent Recovery w% 98.26 98.30 98.31 98.71 98.74 98.62 
Solvent make-up kg/h 9,419 9,214 9,161 84,171 93,586 54,857 
EtOH Conc. after Ferm. % (w/w) 11.47 11.29 11.25 11.13 11.25 10.65 
Sulfuric Acid kg/h 1,550 1,550 1,550 1,550 1,550 1,550 
Ammonia kg/h 1,300 1,300 1,300 1,300 1,300 1,300 
Water consumption kg/h 182,021 180,253 184,663 191,652 195,053 206,465 
Total heating demand MW 361.1 360.8 353.3 341.5 344.6 315.7 
Total cooling demand MW 445.9 445.5 391.3 424.5 426.2 396.8 
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Total power consumption kW 521.4 521.5 521.4 524.4 528.3 525.6 
 283 

Changes in the flowsheet sequence for the solvent recycle in the simulated cases resulted in contrasting values for 284 

the solvent concentration and stream mass flow after the last unit operation was performed. In cases 1, 2 and 3 solvent 285 

concentration after the distillation column and the evaporator were on average 89.7% and 2.2%, respectively. On the 286 

other hand, for cases 4, 5 and 6 the solvent concentration was 38.6% after distillation and 34% after evaporation. The 287 

lower concentration of solvent after the evaporation unit made it possible to use that stream to achieve the desired 288 

solvent concentration of 50%. We used a calculation block to define how much of the evaporator stream was required to 289 

mix with the distillation top product stream and the flash top stream to achieve the specified solvent concentration. For 290 

the cases 1, 2 and 3, where the solvent concentration in the evaporator product was considerable low, the remaining of 291 

the stream was sent to the waste water treatment. In the cases 4, 5 and 6, where the solvent concentration was above 292 

38%, the stream was directed to the product separation and purification section, to further recover the ethanol. The 293 

amount of ethanol sent to the waste water treatment, considered as non-recoverable, in cases 1, 2 and 3, made the 294 

difference observed in the ethanol productivity and the ethanol loss of the processes, with cases 1, 2 and 3 having on 295 

average 575 kg/h less ethanol than the cases 4, 5 and 6. 296 

Other sources of ethanol waste in the processes were the vent scrubber and the bottom streams of the beer column 297 

and the rectifying column. The beer column and rectifying column bottom streams contributed, on average for all cases, 298 

with 7.7 kg/h and 80.9 kg/h, respectively, whereas an average loss of 123 kg/h of ethanol was obtained for the vent 299 

scrubber, with the highest value of 149 kg/h of ethanol for Case 1. Increasing the water intake on the top of the water 300 

scrubber showed to reduce the amount of ethanol carried by the vented gas, however it sharply increased the overall 301 

energy demand of the separation units as more diluted ethanol is cycled back to the process. 302 

The lower solvent concentration on the evaporator top product in cases 1 through 3 meant that there it was the most 303 

part of the water required to reach the solvent concentration. Therefore, the stream was almost completely used and just 304 

a small fraction was left for the waste water treatment. On the other hand, water was more evenly distributed through 305 

the distillation and evaporator top products for the cases 4, 5 and 6, as discussed before. The more equal allocation of 306 

water in the streams required a lower fraction of the evaporator stream to be used. That fact generated a bigger residual 307 

stream with considerably high ethanol concentration, which needs to be recovered to make the process economically 308 

feasible. The ethanol removed from the pretreatment recycle was further purified to the desired grade and then sent back 309 
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as a make-up stream, explaining the great difference of the make-up stream size between cases 1, 2 and 3 and cases 4, 5 310 

and 6. Table 3 shows the detailed stream table for case 3 being possible to see the ethanol concentration over the solvent 311 

recycle (columns Flash1 Top, Solvdist Top, Evap Top and Solv Recycle) as well as through the product separation and 312 

purification (columns BeerC Top, Scrub Recyc, ET40, Etaztp, MS Recyc and ETOH).313 
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Table 3: Detailed stream table for organosolv pretreatment case 3. 314 

Streams Biomass Pulp Liq Flash1Top Solvdist Top Evap Top Solv Recycle Purge To Hyd To Ferm Ferm Broth BeerC Top Scub Recyc ET40 Etaztp MS Recyc ETOH 

Temperature (°C) 25 131.2 131.2 79.5 78.3 97.2 81.7 81.6 97.4 32 32 62.4 41.3 116.4 90.6 90.6 90.6 

Pressure (atm) 1.0 5.0 5.0 1.0 1.0 1.0 1.0 1.0 1.0 1.0 1.0 2.0 0.9 2.2 1.6 1.6 1.6 

Mass Vapor Fraction 0.0 0.0 0.2 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 1.0 0.0 1.0 1.0 0.0 0.0 

Mass Solid Fraction 0.8 1.0 0.0 0.0 0.0 0.0 0.0 0.0 0.2 0.1 0.1 0.0 0.0 0.0 0.0 0.0 0.0 

Enthalpy (MW) -83.5 1.0 -1,396.0 -397.5 -305.1 -893.9 -1,596.6 -24.0 -761.5 -742.0 -703.0 -16.5 -67.6 -167.6 -50.3 -9.8 -38.9 

Component flowrate (kg/h)                  

CELLULOSE 39,825 28,224 0.0 0.0 0.0 0.0 0.0 0.0 28,224 1,219 1,219 0.0 0.0 0.0 0.0 0.0 0.0 

XYLAN 19,470 3,037 0.0 0.0 0.0 0.0 0.0 0.0 3,037 546.7 546.7 0.0 0.0 0.0 0.0 0.0 0.0 

LIGNIN 24,780 18,585 0.0 0.0 0.0 0.0 0.0 0.0 18,585 16,726 16,726 0.0 0.0 0.0 0.0 0.0 0.0 

ACETATE 2,655 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 

ASH 1,770 0.0 1,770 0.0 0.0 0.0 0.0 0.0 1,770 1,593 1,593 0.0 0.0 0.0 0.0 0.0 0.0 

ETHANOL 0.0 0.0 221,250 121,943 143,564 4,729 270,237 4,053 320.3 288.3 24,570 1,042 1,414 25,059 29,100 120.9 24,063 

WATER 17,700 0.0 235,325 45,563 16,423 204,753 266,739 4,001 159,764 141,117 140,728 255.7 14,672 36,135 2,679 2,215 11.1 

GLUCOSE 0.0 0.0 12,832 0.0 0.0 0.0 0.0 0.0 12,832 36,978 1,701 0.0 0.0 0.0 0.0 0.0 0.0 

XYLOSE 0.0 0.0 14,993 trace 0.0 1.5 1.6 trace 14991 15679 2304 0.0 0.0 trace 0.0 0.0 0.0 

XYLOSE OLIGOMER 0.0 0.0 13.3 0.0 0.0 0.0 0.0 0.0 13.3 1140 1140 0.0 0.0 0.0 0.0 0.0 0.0 

GLUCOSE OLIGOMER 0.0 0.0 467.3 trace 0.0 trace trace trace 467.3 420.5 420.5 0.0 0.0 trace 0.0 0.0 0.0 

SOLUBLE LIGNIN 0.0 0.0 6,196 trace 0.0 trace 1.2 trace 1,733 1,560 1,560 0.0 0.0 trace 0.0 0.0 0.0 

GLYCEROL 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 199.3 0.0 0.0 trace 0.0 0.0 0.0 

CELLOBIOSE 0.0 0.0 29.4 0.0 0.0 0.0 0.0 0.0 29.4 321.8 321.8 0.0 0.0 0.0 0.0 0.0 0.0 

O2 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 trace trace trace 0.0 0.0 0.0 0.0 

CO2 0.0 0.0 9.6 9.5 trace 0.0 9.6 trace 1.8 1.6 5,350 5,697 357.5 11.2 11.4 9.4 0.0 

NH3 0.0 0.0 43.2 33.0 10.2 8.9 52.1 trace 10.1 9.1 8.6 1.8 1.4 8.3 9.0 7.5 0.0 

SULFURIC ACID 0.0 0.0 1,548 trace 0.0 0.0 trace 0.0 trace trace trace 0.0 0.0 0.0 0.0 0.0 0.0 

ACETIC ACID 0.0 0.0 2,848 241.3 trace 0.0 241.4 3.6 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 

HMF 0.0 0.0 9.3 trace 0.0 trace trace 0.0 9.3 8.4 8.4 0.0 0.0 trace 0.0 0.0 0.0 

FURFURAL 0.0 0.0 3,186 898.2 2.1 2,301 3,201 48.0 318.6 286.7 284.7 1.1 3.1 285.2 trace trace 0.0 

AMMONIUM ACETATE 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 3,403 3,063 3,063 0.0 0.0 0.0 0.0 0.0 0.0 

AMMONIUM SULFATE 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 2,086 1,877 1,877 0.0 0.0 0.0 0.0 0.0 0.0 
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Heating and cold utilities demand per area of the processes is shown on Figure 4. The total energy consumption, i.e. 315 

sum of hot and cold utilities, fluctuated from 712 MW (Case 6) to 807 MW (Case 1) as can be seen in Table 2. The 316 

pretreatment section was responsible for more than three times the heating required for the product separation and 317 

purification area. We observed that the processes that first neutralized the acids and removed the water, cases 4, 5 and 6, 318 

were more efficient in terms of heating and cooling demands in the pretreatment area when compared to the setups that 319 

started with the distillation unit, cases 1, 2 and 3. However, there was a trade-off between spending more in the 320 

pretreatment section or in the product separation and purification area. The simulation results showed that it was more 321 

favorable, in terms of total energy consumption, to invest less in the pretreatment section. The processes that first 322 

removed the water required 333.9 MW and 415.8 MW on average of hot utilities and cold utilities, whereas the 323 

processes starting with the distillation required 358.4 MW and 427.6 MW on average for hot utilities and cold utilities 324 

respectively. Case 6 showed the lowest demand for hot utilities, with a value of 315.7 MW, 8.81% below the mean, 325 

considering all processes. 326 
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 327 

Fig. 4 Energy demand distribution for the evaluated scenarios by process area – a) heating and b) cooling 328 

When analyzing where to draw the make-up stream we did not find significant difference when comparing the 329 

cases where we pulled a side stream from the rectifying column (cases 1 and 4) and the cases where we pushed the beer 330 

column performance (cases 2 and 5). However, contrary to expectations, the use of the rectifying column’s top product 331 

as ethanol source for the solvent make-up stream showed considerably lower energy requirements when compared to 332 

the other scenarios. More specifically, case 3 demanded 2.1% and 12.2% less hot and cold utilities, respectively, 333 

whereas case 6 showed a reduction of 7.9% for hot utilities and 6.5% for cold utilities. Pushing the beer column 334 

purification from 40% (w/w) ethanol to 50% (w/w) was not energy efficient due to the presence of non reacted biomass 335 

a) 

b) 
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and other impurities, increasing the utilities demand for the process. On the other hand, the drawing of a side stream 336 

with the correct solvent concentration and make-up amount proved to be a challenge due to fluctuations involved in the 337 

recycling process. To overcome this problem, we fixed the amount dragged from the rectifying column and the quantity 338 

not used in the make-up stream we recirculated back to the rectifying column. Doing that, however, increased the 339 

energy requirements for the rectifying column and, consequently, the whole process. 340 

3.3 Heat integration 341 

To further save energy in the processes, a heat integration was initially performed with a ∆Tmin of 10°C. Stream 342 

values of temperature and enthalpy were taken from the simulations and used as inputs in Aspen Energy Analyzer v8.6. 343 

Table 4 shows an example of the streams used in designing the heat exchanger network for case 3. As defined in the 344 

pinch methodology, hot streams are those with excess heat that must be cooled and cold streams are those that need to 345 

be heated. For case 3, the main energy sinks in the process are the solvent recovery distillation column and the 346 

evaporator unit, and a similar trend was also noted for the remaining cases. The building of the composite curves for the 347 

studied cases, as can be seen in Figure 5a, 5b and 5c, shows the absence of an overlapping region between the hot and 348 

cold streams of the process, meaning that no heat could be recovered in those cases. However, reducing the ∆Tmin to 349 

4°C, we observe the appearance of an overlapping region indicating that heat could be exchanged between the cold and 350 

hot streams of the processes, as can be seen in Figure 5d, 5e and 5f.  351 

Table 4: Hot and cold streams for heat exchanger network – case 3. 352 

Stream Type Inlet Temp. (°C) Outlet Temp. (°C) Enthalpy (MW)  
to_PREHEAT Cold 25.4 130.0 2.20 
Solvdist Reboiler Cold 93.8 98.5 158.42 
BeerCol Reboiler Cold 124.8 125.4 48.82 
Rectifier Reboiler Cold 113.0 115.0 5.42 
from_FLASH1 Hot 84.4 79.5 58.48 
Solvdist Condenser Hot 78.5 78.0 132.77 
from_EVAP Hot 100.5 97.2 145.68 
from_SOLVRECYCLE Hot 81.7 81.2 4.19 
to_WASHER1 Hot 81.6 60.0 2.23 
to_HYDRCT Hot 97.4 45.0 9.76 
to_FERMRCT Hot 45.0 32.0 2.45 
BeerCol Condenser Hot 86.7 62.4 1.03 
Rectifier Condenser Hot 90.7 90.2 25.53 
from_MUP Hot 83.2 81.3 1.2 

 353 



20 
 

 354 

Fig. 5 Composite curves for the evaluated cases with a ∆Tmin of 10°C; case 1 (a), case 2 (b), case 3 (c), and ∆Tmin of 4°C case 1 (d), case 2 (e), case 3 (f).355 
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Although cases 4, 5 and 6 required less energy in total, as presented in Table 2, its possibility of heat integration 356 

was extremely limited for both ∆Tmin evaluated, composite curves for those cases can be seen on supplementary material 357 

Figure S1. The total amount of energy saving by heat integration for cases 4, 5 and 6 was 1.2 MW, 1.2 MW and 1.4 358 

MW, respectively, whereas for cases 1, 2 and 3 was 48.9 MW, 46.6 MW and 46.2 MW for a ∆Tmin of 4°C. Figure 6 359 

shows the amount of energy demand for the six cases investigated, with and without heat integration.  360 

 361 

Fig. 6 Hot utilities and cold utilities demands for the evaluated cases, with and without heat integration 362 

For cases 1, 2 and 3 the higher temperature in the solvent condenser after the evaporator allowed energy savings by 363 

using the stream to preheat the biomass prior to the pretreatment reactor. The difference of temperature allowed using 364 

part of the condenser stream as an energy source for the reboiler in the distillation column for the solvent recovery. The 365 

heat integration revealed that case 3 required less utilities compared to the other options, with a total energy demand of 366 

698.4 MW, followed by case 1 and case 6, with a total energy demand of 709.3 MW and 709.7 MW, respectively. 367 

Furthermore, case 3 also showed the lowest hot utility demand, 307.1 MW, whereas case 1 required 312.3 MW and 368 

case 2 and 6 required 314.2 MW. The final heat exchanger network for case 3 can be seen on Figure 7. The blue circles 369 

represent the heat exchangers between the hot streams and the cold utility, the red circles between the cold streams and 370 

the hot utilities, and the gray circles heat exchanger between process’ streams. Heat exchangers between process’ 371 
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streams is where lies the origin of energy savings in a heat integrated process and was responsible for the 46.2 MW 372 

reduction in the process. The studied system is a double pinch process, with the first one at 120°C and the other one at 373 

100°C, meaning that the composite curves head into each other at two different points. Following the pinch principles 374 

stated by March [43], no external cooling above the pinch and no external heating below the pinch point was employed.  375 

Figure 8 shows the final flowsheet for case 3. The blue circles represent the heat exchangers envisioned in the heat 376 

integration of the process. Considering the energy savings obtained by heat integration from the total energy 377 

consumption of the process, the energy consumption per mass unit of ethanol produced is 29.02 kWh/kg of ethanol. 378 

Case 1 and case 2 required 29.78 kWh and 29.65 kWh per kilogram of ethanol, respectively, whereas for cases 4, 5 and 379 

6 was necessary 31.28 kWh, 31.23 kWh and 28.75 kWh per kilogram of ethanol. However, to fully access which case is 380 

the most suitable for commercial application, considering the required investment on the process’ equipment and 381 

variable costs, an economic analysis was performed. 382 
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 383 

Fig. 7 Heat exchanger network for organosolv pretreatment process, case 3 384 
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 385 

Fig. 8 Case 3- solvent recovery following the unit operation sequence: distillation – neutralization – evaporation, with the solvent make-up from the rectifying column 386 

product. Highlighted in blue is the pretreatment section with the solvent recovery in dashed lines. In green the conversion area, and in red the product separation and 387 

purification section. The circles represent the heat exchangers from the HEN388 



25 
 

3.4Economic evaluation and analysis 389 

The main economic indicators for the evaluated cases are shown on Table 5. All the calculations were done for the 390 

heat integrated processes with a ∆T of 4°C. The pretreatment process was responsible for 34.2% on average of the total 391 

capital investment required for the production site. The main difference on the total capital investment between the 392 

processes was also the pretreatment area, whereas the costs of the other areas were nearly the same on absolute values. 393 

Cases 1, 2 and 3 showed a higher value for capital investment as a bigger distillation column was required when 394 

compared to cases 4, 5 and 6 where more was spent on the less costly evaporator unit. 395 

Table 5: Economic evaluation for the studied processes (in million dollars). 396 

Process area Unity Case 1 Case 2 Case 3 Case 4 Case 5 Case 6 
Pretreatment MUS$ 25.7  25.8  25.7  27.7 27.6  27.6  
Pretreatment Solvent Recovery MUS$ 24.7  23.7  23.8  15.9  15.8  15.8  
Conversion MUS$ 17.3  17.3  17.3 17.3  17.3  17.3 
Product Separation and Purification MUS$ 11.3  11.4  11.3  11.7  12.0  11.5  
Enzyme Production MUS$ 17.2 17.2 17.2 17.2 17.2 17.2 
Utilities Area MUS$ 4.7 4.8 4.7 4.7 4.7 4.7 
Working Capital MUS$ 6.6 6.6 6.6 6.3 6.3 6.3 
Total Capital Investment MUS$ 139.0 138.5 137.7 132.1 132.4 132.1 
Raw material (per year) MUS$ 47.0 47.0 47.0 47.0 47.0 47.0 
Chemicals (per year) MUS$ 4.1 4.1 4.1 4.1 4.1 4.1 
Utilities Costs(per year) MUS$ 151.1 152.1 148.6 164.6 166.0 152.1 
Total Annual Costs MUS$ 243.0 243.8 240.2 255.1 256.6 242.7 

 397 

Raw materials and chemicals costs were the same for all the cases as the process evaluated had a fixed input. 398 

Utilities costs, on the other hand, varied from 148.6 MUS$/year for case 3 to 166.0 MUS$/year for case 5, following the 399 

trend of hot utilities consumption as it is significantly more expensive than the cold utility. The lower total annual costs 400 

was obtained for case 3, with a value of 230.2 MUS$, followed by case 6 at 242.7 MUS$. 401 

To take into account the productivity of each process, the minimum ethanol selling price was calculated for all the 402 

cases. Figure 9 shows the total value of MESP and the individual contribution of each area for the final ethanol price. 403 

Hot utilities demand was responsible on average for 60.1 % of the total MESP for the cases, highlighting the importance 404 

of an energy efficient project design. The cost of raw material was the second largest group responsible for the final 405 

ethanol selling price, corresponding to around 19% of the MESP. Feedstock prices are driven by economic fluctuations 406 

and are outside the boundaries of this study, however, a more effective pretreatment can increase the overall conversion 407 

of the process and decrease the MESP by increasing the general productivity of the plant. Capital costs and enzymes 408 
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production represent 7.8% and 5.5% of MESP in the evaluated cases, whereas the sum of cold utilities, electricity, 409 

process water and labor costs add up to 2.8%. 410 

 411 

Fig. 9 MESP and individual contributions for the evaluated cases 412 

Case 3 showed the best total value for the minimum ethanol selling price at 1.27 US$/kg of ethanol with cases 1 413 

and 6 following at 1.28 US$/kg of ethanol. Although cases 4, 5 and 6 were initially more efficient, the restriction 414 

observed on its heat integration by the streams temperature made cases 1, 2 and 3 more interesting from the economic 415 

point of view. A further processing and integration of the removed lignin may generate new streams that can be 416 

integrated within the process, making the alternatives 4, 5 and 6 more competitive. An extensive research from the 417 

NREL for the bioethanol production from corn stover using diluted acid obtained a MESP of 0.72 US$/kg of ethanol 418 

[26]. It is important to highlight that diluted acid pretreatment is considered the most closely commercialized method 419 

for bioethanol production from lignocellulosic biomass. Furthermore, the NREL study has included in its design the co-420 

generation unit, reducing the costs of hot utilities in the process. 421 

4. Conclusions 422 

For bioethanol production from lignocellulosic biomass, different pretreatment methods use different agents and 423 

mechanisms for the biomass pretreatments. The different pretreatment methods will inevitably affect the following 424 

processing steps and thus the total production process design. Therefore, the actual performance of a specific 425 
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pretreatment method needs to be investigated within the total production process in terms of the concerned performance 426 

indicators.  427 

As organosolv pretreatment is recently studied promising pretreatment method for lignocellulosic bioethanol 428 

production, this work has focused on study this pretreatment method within the total production process context. First 429 

the complete production process is designed and setup with the available data and information.  Then, six alternatives 430 

were devised aiming at improving the energy efficiency and integration of the process. The devised processes did not 431 

require any external solvent addition and for all cases evaluated the solvent recovery within the pretreatment area stayed 432 

above 98%. A preliminary evaluation showed that first using an evaporator to recover the solvent used in the process 433 

than a distillation option could save around 40 MW of hot utilities in the process. However, the setup proved to have 434 

less opportunity for heat integration when comparing to the distillation alternative. The building of the heat exchanger 435 

network for the processes showed that no significant energy could be recovered at a ∆Tmin of 10°C. However, setting 436 

the ∆Tmin to 4°C proved to recover around 46 MW of energy. The MESP calculation confirmed that case 3 was the most 437 

advantageous setup with an ethanol selling price of 1.27 US$/kg of ethanol, 16.2% lower than the average, and 307.1 438 

MW of hot utility demand and 391.3 MW for cold utility. 439 
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